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ABSTRACT
A supercritical fluid extraction system was used to study 
the extraction of hexadecane, a paraffinic crude oil, a 
bitumen-derived liquid and the native Whiterocks bitumen with 
solvents such as C02 and propane. The hexadecane-C02 
experiments were intended to refine experimental procedures 
and to ascertain attainment of thermodynamic equilibrium 
during extraction. The amount extracted and compositions of 
the extracted phases were monitored continuously to determine 
the nature of the extract and residual fractions as the 
extraction proceeded.
The compositions of the feedstocks and selected extract 
fractions were determined by simulated distillation and gas 
chromatography-mass spectrometry. Carbon dioxide was used as 
a solvent for the extraction of all three feedstocks. Propane 
was used as a solvent with the bitumen-derived liquid and 
native bitumen. In general, the propane yields were 
significantly higher than the C02 yields. The influence of 
three process variables— extraction time, pressure and 
temperature— was investigated. As the pressure increased at 
constant temperature for the paraffinic crude and the native 
bitumen, the amount extracted increased and relatively heavier 
compounds were extracted. The nondiscriminatory extraction of
the bitumen-derived liquid was attributed to the presence of 
olefins and aromatic moieties. The extractions were most 
efficient in the vicinity of the critical temperatures of the 
solvents.
The residual fractions produced when the native bitumen 
was extracted with propane contained more asphaltenes 
(pentane-insolubles) than the original feedstock. The 
asphaltene content of the residual fractions increased with 
pressure and in the vicinity of the critical temperature. 
Thus the co-solubilizing lighter compounds (which were 
extracted) have a profound influence on the "asphaltene" 
content of complex hydrocarbon mixtures. The results from the 
extraction of the native bitumen with propane indicated the 
upgrading potential of the solvent extraction process and 
provided insight to the use of propane as an additive in the 
in-situ recovery of oil sand bitumen.
The compositions were predicted using the Peng-Robinson 
equation-of-state and a component lumping procedure for 
selected data sets. The agreement between experimental and 
calculated data was reasonable considering the uncertainties 
involved in modeling such complex processes.
v
TABLE OF CONTENTS
A B S T R A C T ............................................  iv
LIST OF T A B L E S ............ ......................... ix
LIST OF FIGURES...................................... xiv
NOMENCLATURE..................................... .. . xviii
ACKNOWLEDGMENTS .................................... xxi
CHAPTER
1. INTRODUCTION.......... ......................... 1
Recovery of Oil Sand Bitumen...................  3
Enhanced Oil(In-Situ) Recovery Methods . . 4
Mining-Surface Recovery Methods ..........  8
Research Objectives . . . . . . . .  ..........  11
2. LITERATURE SURVEY .............................  13
Solvent Extraction of Oil S a n d s ........ .. 13
Solv-Ex Process ...........................  14
Dow Chemical Process .....................  15
Dravo-Amoco Process ............... . . . .  23
Miscellaneous ..........  . . . . . . . . .  26
Upgrading Bitumen by Solvent Deasphalting . . .  29
Conventional Deasphalting Process ........  29
ROSE Process ................. . . . . . .  32
HSC-ROSE Process .........................  39
SFE Process of Petroleum Fractions . . . . . . .  40
Principle of Supercritical Fluid
Extraction . . . . . . . .  ............. 40
General Advantages and Applications . . . .  49
Applications to Recovery of Bitumen . . . .  53
3. EXPERIMENTAL APPARATUS AND PROCEDURES ........  72
General System Specification . . .  ............. 72
SFE Apparatus Fluid Supply System . . . . .  72
SFE Apparatus Extractor Assembly ........  75
SFE Apparatue Separator Assembly ........  79
Experimental Procedures .......................  81
Analysis Methods ................................. 83
Liquid Product Analysis ....................  83
Gas A n a l y s i s ............................... 88
4. MODELING THE EXTRACTION PROCESS ................  90
Equation of State Utilized ....................... 92
Component Lumping Procedure ....................  94
Pseudo-Critical Properties Calculation .........  98
Phase Behavior Calculation Procedure ............  104
5. RESULTS AND DISCUSSION............ ..............  106
Feedstock Characterization ......................  106
Preliminary Process Test ......................... Ill
Extraction of Paraffinic Crude Oil by C02 . . . .  119
Effect of P r e s s u r e ......................... 119
Effect of Temperature ......................  124
Simulated Distillation Analysis ............  128
GC-MS A n a l y s i s ............................. 139
Extraction of Bitumen-Derived Liquid by C02 . . . 142
Effect of Pressure . ................. .. 143
Simulated Distillation Analysis ............  143
Extraction of Bitumen-Derived Liquid by Propane . 147
Effect of P r e s s u r e ......................... 147
Effect of Temperature ......................  154
Simulated Distillation Analysis . . . . . . .  157
Extraction of Native Bitumen by C02 ............  168
Extraction of Native Bitumen by Propane ........  171
Effect of P r e s s u r e ......................... 171
Effect of Temperature ......................  171
Asphaltene Analysis ........................  175
Simulated Distillation Analysis ............  179
Reproducibi1ity of Extraction Experiments . . . .  187
Modeling Results and Comparisons ........  . . . .  187
Hexadecane Extraction by C02 ..............  187
Crude Oil Extraction by C02 ................. 196
Bitumen-Derived Liquid Extraction by Propane. 201
Bitumen Extraction by Propane ..............  204
6. CONCLUSIONS AND FUTURE W O R K ..................... 208
Conclusions.....................................  208
Future W o r k ................................... .. 212
APPENDICES
A. SUPERCRITICAL FLUID EXTRACTION
REPRODUCIBILITY D A T A ............................. 214
B. SUPERCRITICAL FLUID EXTRACTION DATA ..........  . 220
vii
Analysis Methods ...............................  83
Liquid Product Analysis ...................  83
Gas A n a l y s i s .............................  88
4. MODELING THE EXTRACTION PROCESS ............... 90
Equation of State Utilized .....................  92
Component Lumping Procedure ...................  94
Pseudo-Critical Properties Calculation ........  98
Phase Behavior Calculation Procedure ..........  104
5. RESULTS AND DISCUSSION.........................  106
Feedstock Characterization ........  . ........  106
Preliminary Process Test .......................  Ill
Extraction of Paraffinic Crude Oil by C02. , . . 119
Effect of P r e s s u r e .......................  119
Effect of Temperature .....................  124
Simulated Distillation Analysis ..........  128
GC-MS A n a l y s i s ...........................  139
Extraction of Bitumen-Derived Liquid by C02. . . 142
Effect of Pressure . . . . / . ............. 143
Simulated Distillation Analysis ..........  143
Extraction of Bitumen-Derived/liquid by Propane. 147
Effect of Pressure . . ................. 147
Effect of Temperature /  . . .  .^ ...........  154
Simulated Distillation AnalysisJ. '........  157
Extraction of Native Bitumen by C o A .  . . . . .  168
Extraction of Native Bitumen /fm Piop%ie . . . .  171
Effect of Pressure ........  171
Effect of Temperature . \. \ . . . . . . .  . 171
Asphaltene Analysis . . \ j ............... 175
Simulated Distillation Analysis ..........  179
Reproducibility o/ Extraction Experiments . . . 187
Modeling Results/and Comparisons............... 187
Hexadecane Extraction by C02............... 187
Crude Oil/Extraction by C02 ............... 196
Bitumen-berived Liquid Extraction
by Propane . ............................  201
Bitumen Extraction by Propane ..........  . 204
6. CONCLUSIONS AND FUTURE W O R K ...................  208
Conclusions . . . . . . . . . . . . .  ........  208
Future W o r k .................................... 212
APPENDICES
A. SUPERCRITICAL FLUID EXTRACTION REPRODUCIBILITY
DATA..........................................  214
B. SUPERCRITICAL FLUID EXTRACTION DATA ..........  220
C. MATERIAL BALANCE CALCULATIONS . . .  ..........  231
D. COMPUTER PROGRAM FOR GC-MS ANALYSIS ..........  240
E. WHITSON'S LUMPING PROCEDURE ...................  244
F. COMPUTER PROGRAM FOR THE ESTIMATION OF
THERMODYNAMIC PROPERTIES.....................  246
G. DETAILED CALCULATION FOR MODELING STUDY . . . .  250
REFERENCES..........................................  255
V I T A .............. .................................  267
viii
Copyright ® Jongsic Hwang 1993 
All Rights Reserved
THE UNIVERSITY OF U T A H  G R A D U A T E  S C H O O L
SUPERVISORY COMMITTEE APPROVAL
of a dissertation submitted by
Jongsic Hwang
This dissertation has been read by each member of the following supervisory committee 
and by majority vote has been found to be satisfactory.
A5-/7/Z-
Chain Francis V. Hanson
/C, 1°!*) 2-
Co-Chair: Milind D. Deo
.^ ? o L Alex G. Oblad
. Se^aer
2-~
/ A. Lamont Tyl^r y f
THE UNIVERSITY OF UT A H  G R A D U A T E  S C H O O L
F I N A L  R E A D I N G  A P P R O V A L
To the Graduate Council of the University of Utah:
I have read the thesis o f _________ J o n g s  i c  Hwang__________ in its final form
and have found that (1) its format, citations and bibliographic style are consistent and 
acceptable; (2) its illustrative materials including figures, tables and charts are in place; 
and (3) the final manuscript is satisfactory to the supervisory committee and is ready 
for submission to The Graduate School.
December 10, 1992 
Daie Francis V. Hanson
Chair, Supervisory Committee
Approved for the Major Department
A . L am on t T y l e r ^ /  
Chair/Dean ^
Approved for the Graduate Council
B. Gale Dick 
Dean of The Graduate School
LIST OF TABLES
Table Page
1.1 Bitumen and/or Bitumen-Derived Liquid 
Production Methods ..............................  5
2.1 Bitumen Character i z at i o n ...... ................  18
2.2 Dean Stark Saturations using Various Solvents .. 22
2.3 The Solubility of Bitumen in Various Solvents 
Boiling Point, Critical Temperature and
Pressure of Solvents ...........................  27
2.4 Various Solvent Deasphalting Process ..........  31
2.5 ROSE Process Product Yield and Quality 
Results for n-Butane and n-Pentane 
Extractions of Athabasca Tar Sand
Bitumen 613 K plus Resid .................... . 33
2.6 ROSE Process Product Yield and Quality 
Results for n-Butane and n-Pentane 
Extractions of Visbroken Athabasca
Tar Sand Bitumen Resid .........................  34
2.7 ROSE Process Product Yield and Quality 
Results for n-Pentane Extractions of 
the Resid from Hydrocatalytically 
Refined Athabasca Tar Sand
Bitumen ....................... .............. . 35
2.8 Quality of Syncrude Produced by the
HSC-ROSE Process ................................ 43
2.9 Properties of Gas, Liquid and
Supercritical Fluid Phases ..................... 47
2.10 Potential Supercritical Fluid Extraction 
Solvents and Their Critical Temperatures
and Pressures ........ .................. . 50
2.11 Food, Chemical and Heavy Hydrocarbon


















Supercritical Fluid Extraction Data and
Product Yields for Athabasca Oil Sands .........  55
Oil Sand Extraction Yields at 573 K ............ 56
Extraction Data for Athabasca Oil S a n d s.... . 60
Metal Contents of Oil Sands Fractions .........  61
Examples of Utah(Vernal) Oil Sands
Extraction .............................. .......  63
Mutual Solubilities of Supercritical
Carbon Dioxide and Cold Lake Bitumen . ...... . 65
Comparison between Propane SFE Extract
and Toluene Extract ............................  68
Extraction of Oil Sands with
Supercritical Water ............................  71
Characterization of Carbon Dioxide 
and Propane Gases Used in the SFE
Experiments ..................................... 89
Properties of Petroleum Fractions Used for 
Lumping Studies ................................. 96
Boiling Point Distributions of Pseudo­
Components Generated for Representing 
Three Different Feedstocks .................. . 99
Lumped Thermodynamic Properties of Crude
Oil Used for Phase Behavior Calculation ......  100
Lumped Thermodynamic Properties of Bitumen- 
Derived Liquid Used for Behavior
Calculation .................................... 102
Lumped Thermodynamic Properties of Whiterocks 
Bitumen Used for Phase Behavior Calculation ... 103
Typical Compounds Observed in Crude Oil
and Products by GC-MS Analysis ........ .......  109
Feedstock Characterization ....................  112













Chemical Type Classification of Crude Oil 
and Products by GC-MS Analysis ...............
Density of Propane at Experimental Conditions 
Conducted in Extractions .....................
The Quality of the Resids Left in Native 
Bitumen-Propane Extractions at Three 
Different Pressures(@380 K) and 
Feedstock Bitumen ............................
The Quality of the Resids Left in Native 
Bitumen-Propane Extractions at Three 
Different Temperatures(@10.3 MPa) 
and Feedstock Bitumen ........................
Comparison of the Hexadecane-Carbon Dioxide 
Extraction Experimental Carbonic Phase 
Compositions with the Phase Behavior 
Calculations ..................................
Carbonic Phase Compositions Predicted by Phase 
Behavior Calculation Using the Peng-Robinson 
Equation of State for Crude Oil-Carbon 
Dioxide Extraction at 10.3 MPa
and 311 K .....................................
Comparison of the Experimental Carbonic Phase 
and Residual Oil Compositions with the Phase 
Behavior Calculations for Crude Oil-Carbon 
Dioxide Extraction at 10.3 MPa and 311 K ....
Extracted Phase Compositions Predicted by 
Phase Behavior Calculation for Bitumen- 
Derived Liquid Extraction with Propane 
at 10.3 MPa and 380 K ........................
Comparison of the Experimental Extracted
Phase Compositions with the Phase
Behavior Calculations for Bitumen
Derived Liquid-Propane Extraction
at 10.3 MPa and 380 K ........................
Extracted Phase Compositions Predicted by 
Phase Behavior Calculation for Whiterocks 
Bitumen Extraction with Propane 
at 10.3 MPa and 380 K ........................
Density of Carbon Dioxide at Experimental
Conditions Conducted in Extractions .........
xi
5.15 Comparison of the Experimental Extracted Phase
Compositions with the Phase Behavior 
Calculations for Whiterocks Bitumen- 
Propane Extraction at 10.3 MPa
and 380 K ...................................... 206
A.1 Reproducibility of the Extraction of
Hexadecane by Carbon Dioxide ..................  215
A.2 Reproducibility of the Extraction of
Crude Oil by Carbon Dioxide ...................  216
A.3 Reproducibi1ity of the Extraction of 
Bitumen-Derived Liquid by Carbon
Dioxide ........................... ............  217
A.4 Reproducibility of the Extraction of
Bitumen-Derived Liquid by Propane ............. 218
A.5 Reproducibility of the Extraction of 
Whiterocks Oil Sand Bitumen
by Propane ................................... 219
B.1 Effect of Pressure of the Extraction of 
Hexadecane by Carbon Dioxide .................. 221
B.2 Effect of Pressure on the Extraction of
Crude Oil by Carbon Dioxide ...................  222
B.3 Effect of Temperature on the Extraction of
Crude Oil by Carbon Dioxide ...................  223
B.4 Effect of Pressure on the Extraction of
Bitumen-Derived Liquid by Carbon Dioxide .....  224
B.5 Effect of Pressure on the Extraction of 
Bitumen-Derived Liquid by Propane
at 311 K ...................................... 225
B.6 Effect of Pressure on the Extraction of 
Bitumen-Derived Liquid by Propane
at 380 K .......................................  226
B.7 Effect of Temperature on the Extraction of
Bitumen-Derived Liquid by Propane ............. 227
B.8 Effect of Pressure on the Extraction of 
Whiterocks Oil Sand Bitumen by Carbon 
Dioxide ......... ........... ................ .. 228
xii
B.9 Effect of Pressure on the Extraction of
Whiterocks Oil Sand Bitumen by Propane .......  229
B.10 Effect of Temperature on the Extraction of 
Whiterocks Oil Sand Bitumen by Propane .......  230
C.l The Quantitative Analysis of Hydrocarbon 
Present in the Carbon Dioxide Vented 
through the Separator System during




2.1 Schematic of the Solv-Ex Bitumen
Extraction Process ..............................  16
2.2 Schematic of the Dow Chemical Solvent 
Processing Unit .................................  20
2.3 Schematic of the Dravo-Amoco Solvent
Extraction Process ........... .................  24
2.4 Schematic of the ROSE Process ..................  38
2.5 Schematic of the HSC-ROSE Process ............. . 41
2.6 Pressure-Temperature Diagram for a Pure
Compound .............. .......................... 45
2.7 Process Scheme for Oil Sand Bitumen 
Extraction with Separation Using
Adsorption on Carbon Bed ............ ...........  58
2.8 Supercritical Fluid Extraction of
Athabasca Oil Sand with Propane..... ..........  66
3.1 Schematic Diagram of the Supercritical
Fluid Extraction System ........................  73
3.2 Schematic of the Extraction Vessel .............  77
3.3 Linearly Interpolated Standard Sample
for Simulated Distillation Analysis ............  85
5.1 Simulated Distillation Analysis of
Paraffinic Crude Oil ....... ............ . 107
5.2 Effect of Pressure at Constant Temperature 
of 311 K on the Extraction of Hexadecane
by Carbon Dioxide ..............................  113
5.3 Reproducibility of the Extraction of 
Hexadecane by Carbon Dioxide at
17.2 MPa and 311 K ....................... 116
5.4 Effect of Pressure at Constant Temperature 
of 311 K on the Extraction of Crude Oil
by Carbon Dioxide........ ..................... 122
5.5 Effect of Temperature at Constant Pressure 
of 10.3 MPa on the Extraction of Crude Oil
by Carbon Dioxide .............................  125
5.6 Simulated Distillation Analysis of the Extracts 
Collected as a Function of Time for the 
Paraffinic Crude Oil Extraction using
Carbon Dioxide at 10.3 MPa and 311 K .........  129
5.7 Simulated Distillation Analysis of the Extracts 
Collected as a Function of Time for the 
Paraffinic Crude Oil Extraction using
Carbon Dioxide at 17.2 MPa and 311 K .........  131
5.8 Simulated Distillation Analysis of the Middle 
Extracts Extracted for the Paraffinic Crude 
Oil Extraction using Carbon Dioxide at 
Three Different Pressures and a
Constant Temperature of 311 K . ............. .. 135
5.9 Simulated Distillation Analysis of the Middle 
Extracts Extracted for the Paraffinic Crude
Oil Extraction using Carbon Dioxide at 
Four Different Temperatures and a
Constant Pressure of 10.3 MPa ....... .........  137
5.10 Simulated Distillation Analysis of the Extracts 
Collected as a Function of Time for the x 
Bitumen-Derived Liquid Extraction using
Carbon Dioxide at 17.2 MPa and 311 K .........  144
5.11 Effect of Pressure at Constant Temperature 
of 311 K on the Extraction of Bitumen- 
Derived Liquid by Carbon Dioxide
and Propane ........................ ........ . 148
5.12 Effect of Pressure at Constant Temperature 
of 380 K on the Extraction of Bitumen-
Derived Liquid by Propane .....................  150
5.13 Effect of Temperature at Constant Pressure 
of 10.3 MPa on the Extraction of Bitumen- 
Derived Liquid by Propane ...................... 155
xv
5.14 Comparison of the Carbon Number Distributions 
Generated by Simulated Distillation Analysis
of the Middle Extracts Extracted using 
Carbon Dioxide and Propane for the 
Bitumen-Derived Liquid Extractions
at 17.2 MPa and 311 K .........................  158
5.15 Simulated Distillation Analysis of the Extracts 
Collected as a Function of Time for the 
Bitumen-Derived Liquid Extraction using 
Propane at 10.3 MPa and 311 K ................. 160
5.16 Simulated Distillation Analysis of the Middle 
Extracts Extracted for the Bitumen-Derived 
Liquid Extraction using Propane at Three 
Different Pressures and a Constant
Temperature of 311 K ..........................  162
5.17 Simulated Distillation Analysis of the Middle 
Extracts Extracted for the Bitumen-Derived 
Liquid Extraction using Propane at Three 
Different Pressures and a Constant
Temperature of 380 K ...........................  164
5.18 Simulated Distillation Analysis of the Middle
Extracts Extracted for the Bitumen-Derived 
Liquid Extraction using Propane at Three 
Different Temperatures and a Constant 
Pressure of 10.3 MPa ........ .................  166
5.19 Effect of Pressure at Constant Temperature 
of 380 K on the Extraction of Whiterocks 
Oil Sand Bitumen by Carbon Dioxide
and Propane ............................... 169
5.20 Effect of Temperature at Constant Pressure 
of 10.3 MPa on the Extraction of 
Whiterocks Oil Sand Bitumen
by Propane ..................................... 172
5.21 Simulated Distillation Analysis of the Extracts 
Collected as a Function of Time for the 
Whiterocks Native Bitumen Extraction
using Propane at 10.3 MPa and 380 K . .........  180
5.22 Simulated Distillation Analysis of the Middle 
Extracts Extracted for the Whiterocks Native 
Bitumen Extraction using Propane at Three 
Different Pressures and a Constant
Temperature of 380 K ............ ............. . 183
xvi
5.23 Simulated Distillation Analysis of the Middle 
Extracts Extracted for the Whiterocks Native 
Bitumen Extraction using Propane at Three 
Different Temperatures and a Constant
Pressure of 10.3 MPa ...........................  185
5.24 Reproducibility of the Extraction of Crude 
Oil by Carbon Dioxide at Two Different 
Pressures and 311 K ............... .........   188
5.25 Reproducibility of the Extraction of 
Bitumen-Derived Liquid by Carbon
Dioxide at 17.2 MPa and 311 K .................  190
5.26 Reproducibility of the Extraction of 
Bitumen-Derived Liquid by Propane
at 10.3 MPa and 380 K ........ .......... ...... 192
5.27 Reproducibility of the Extraction of 
Whiterocks Oil Sand Bitumen by
Propane at 10.3 MPa and 339 K ................. 194




AOSTRA Alberta Oil Sands Technology and Research Authority
bbls Billion Barrels








fw  Fugacity of Component i in Liquid Phase
fvi Fugacity of Component i in Vapor Phase
GC-MS Gas Chromatography - Mass Spectrometry
H/C Ratio of Hydrogen to Carbon
hp Horsepower
HSC High Conversion Soaker Cracker
IBP Initial Boiling Point (K)
S Interaction Parameter
Watson Characterization Factor
Kj Equilibrium Ratio (yj/X;) of Component i





MW Molecular Weight (g/mol)
Nh Number of Fseudocomponents
Nt Total Number of Moles in Overall Compositions
P-R EOS Peng-Robinson Equation-of-State
Pc Critical Pressure (MPa)
Pr Reduced Pressure (P/Pe)
ROSE Residuum Oil Supercritical Extraction
SFE Supercritical Fluid Extraction
SFP Supercritical Fluid Phase
sg Specific Gravity (289 K/289 K)
SIMDIS Simulated Distillation
S-R-K EOS Soave-Redlich-Kwong Equation-of-State
STP Standard Temperature (298 K) and Pressure (101.3 
KPa)
Tc Critical Temperature (K)
Tr Reduced Temperature (T/Te)
V Total Number of Moles in Vapor Phase
VLE Vapor-Liquid Equilibrium
watt 3.41214 Btu/h
Xj Mole Fraction of Component i in Liquid Phase
y. Mole Fraction of Component i in Vapor Phase
Z Compressibility Factor
Zj Overall Mole Fraction of Component i
xix
a Solubility Parameter
0Li Fugacity Coefficient of Component i in Liquid Phase




The author would like to express deep appreciation to 
Professor Francis V. Hanson for his constant guidance and 
encouragement throughout this work. Special gratitude is 
expressed to Professor Milind D. Deo for his assistance in 
conducting this research. The author wishes to thank 
Professor Alex G. Oblad and the other members of his 
dissertation committee: Professors J.D. Seader and Lamont 
Tyler.
The author wishes to thank his parents (Kyungsoo Hwang 
and Jungok Park) and parents-in-law (Kwanjae Woo and Oksoon 
Ko) for the strong support they have provided throughout his 
education. Also, special gratitude is reserved for my wife, 
Jungmin, whose presence and encouragement has been invaluable 
throughout this work. The author would like to extend his 
appreciation to Jack V. Fletcher, Daniel C. Longstaff, Rick R. 
White, Chi-Hsing Tsai, Seokhwan Kwak, and all my colleagues in 
the Oil Sands Research Group for their friendship and 
assistance.
The financial support of the U.S. Department of Energy 
through the Laramie Project Office of the Morgantown Energy 
Technology Center is gratefully acknowledged.
CHAPTER 1
INTRODUCTION
Rising consumption and diminishing crude-oil reserves 
have led to considerable activity in the search for 
alternative hydrocarbon sources. For example, the estimated 
1,440 billion bbls(1,2> of heavy oil in the form of oil sands 
worldwide are a significant potential alternative source of 
asphalt and/or liquid fossil fuels. Numerous methods have 
been developed to recover the bitumen from these oil sand 
mineral deposits. However, recovery of oil from oil- 
impregnated sandstones has proven technically difficult and 
marginally economic. Also, the bitumen recovered from oil 
sands requires on-site upgrading to reduce the viscosity of 
the native bitumen so that it can be transported by pipeline 
to the refining or upgrading facility.® In the past this 
viscosity reduction has been achieved by coking the native 
bitumen; ^  however, A0STRA(8) has recently proposed 
hydrotreating the full-range bitumen as an on-site viscosity 
reduction step. Moreover, in the refinery, the bitumen 
feedstock must be upgraded via hydrotreating to produce a 
feedstock from which liquid transportation and /or heating 
fuels can be produced.
Solvent extraction appears to be a feasible bitumen 
recovery technology for domestic oil sands and may offer an 
environmental advantage relative to the aqueous recovery 
methods that require large volumes of water and pose potential 
tailings disposal problems.0*"1® However, inefficient recovery 
of the solvent used in the extraction process can result in 
significant solvent losses and associated environmental 
problems.(13) This may be the main limitation related to the 
economic feasibility of solvent extraction techniques. 
Therefore, a more-efficient solvent extraction process must be 
developed to render solvent extraction commercially feasible. 
Supercritical fluid extraction (SFE) has been suggested as an 
alternative to the current subcritical extraction processes. 
The problems associated with the loss of solvent by adsorption 
on the sand, high thermal energy and water consumption, and 
aqueous and solid waste disposal have been reported to have 
been minimized using SFE technology.(14)
Supercritical fluid extraction has also been proposed as 
a bitumen upgrading alternative to coking. Several 
processes054® (i.e., ROSE and HSC-ROSE) suitable for upgrading 
and/or deasphalting bitumen have been developed which 
incorporate the separation of the solvent from the extract 
phase via depressurization. Higher extraction yields and 
greater asphaltene precipitation have been reported for SFE
2
processes compared to conventional (subcritical) solvent 
extraction and/or deasphalting processes.^1448)
The dynamic SFE process investigated in this study may 
have application in enhanced oil recovery of heavy oils by 
compressed gases (i.e., carbon dioxide and propane) .(14,19) It 
has been determined that the interactions between the 
supercritical solvent and the solute significantly influence 
the performance of the extraction process. Supercritical 
phase behavior has been characterized for several specific 
systems.<14) Due to the continuously changing nature of the 
solute and of the compositions of the relevant phases, the 
phenomena associated with dynamic SFE have not been 
demonstrated nor published.(19) A detailed investigation of the 
influence of process variables on the yields and compositions 
of the extract phases and on the phase behavior of the SFE 
process is presented in this dissertation.
Recovery off oil Sand Bitumen
The geological, physical and chemical characteristics of 
an oil sand deposit must be considered when selecting the 
optimum recovery method for a specific application. In 
general, there are three types of methods used for recovering 
and upgrading the bitumen from oil sands: enhanced oil (in- 
si tu) recovery, mining-surface recovery, and underground 
mining. The selection criteria involve the geographic 
location of the deposit, the quality of the bitumen, the
3
thicknesses of the overburden and saturated zones, and the 
environmental constraints.0® Relatively deep deposits with an 
overburden thickness of more than 500 feet can be produced by 
in-situ recovery methods.^ Mining-surface recovery methods 
are usually applied to deposits with less than 150 feet of 
overburden and/or shallow deposits. It has been proposed that 
moderately deep deposits (150-500 feet) that are too shallow 
for in-situ methods and too deep for mining-surface recovery 
methods could be developed by underground mining.m
The various methods that have been developed or are 
currently being studied for the recovery of oil sand bitumen 
are presented in Table 1.1. Most of these recovery and 
upgrading methods have been reviewed and discussed by 
researchers at the Oil Sand Research Laboratory at the 
University of Utah in their thesis or dissertations. (21'27) 
Therefore, current approaches involving in-situ and mining- 
surface recovery methods are reviewed briefly below.
Enhanced Oil Recovery Methods
Techniques generally proposed for enhanced oil (in-situ) 
recovery may be broken down into two major classes: thermal 
and emulsification processes. Most in-situ methods for the 
recovery of oil sand bitumen are similar to those applied to 
the enhanced recovery of conventional and heavy crude oils.08* 
The purpose of all in-situ recovery processes is to improve
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5Table 1.1
Bitumen and/or Bitumen-Derived Liquid Production Methods
Enhanced Oil fIn-Situ) Recovery Methods
• Thermal Processes
: Combustion(fire flooding) process 
: Steam injection process
: Combination of combustion and water injection process
• Emulsification Processes
: Steam/diluent process 
: Steam/gas process
Minina-Surface Recovery Methods
• Hot Water Separation Process
• Solvent-Assisted Aqueous Separation Process
• Solvent Extraction Processes
: Classical(subcritical) solvent extraction process 
: Supercritical solvent extraction process
• Thermal Pyrolysis Processes
: Fluidized-bed coking process 
: Rotary kiln process
the mobility of the bitumen or heavy oil by reducing the 
viscosity. Currently this is accomplished by heating and 
pressurizing the reservoir.m  Heating reduces the bitumen 
viscosity and then, with pressurization, the heated reservoir 
fluids can be driven to a production well. Several of these 
methods have been tested on a laboratory or field-pilot scale 
for U.S. and Canadian oil sands. a8’30,3l) The hydrocarbon liquids 
produced from these in-situ processes were similar to the 
native bitumens.
The viscosity of oil sand bitumen can be reduced by 
heating the formation via thermal techniques including in-situ 
combustion(fire flooding) and steam i n j e c t i o n . I n  in-situ 
combustion, part of bitumen is burned in the reservoir to 
generate the heat necessary to mobilize the bitumen. The 
combustion products move through the reservoir and preheat the 
zone ahead of the combustion front. The injected air also 
serves as the drive fluid which moves the oil bank to the 
production well. Direct heating in the combustion process may 
cause some cracking of the bitumen resulting in coke 
deposition and partial upgrading of the bitumen.(5,33)
Steam injection is the most advanced of the various in- 
situ methods. Cyclic steam injection and steam drive have 
been successfully applied to the production of California 
heavy oils.16^  Cyclic steam injection is a three step process; 
injection, soak, and production. The duration of each phase 
is dependent upon the nature of the reservoir and the
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properties of the reservoir fluid. The number of cycles is 
also dependent upon the reservoir parameters and on the 
production decline from cycle to cycle as indicated by the 
steam-to-oil ratio of the cycle. Injection and production 
take place in the same well in cyclic steam injection. 
Thermal energy is supplied to the formation by injecting hot 
water, steam or superheated steam. The reservoir fluids 
(bitumen and water) are heated during the injection and soak 
phases and the reservoir is pressurized during the injection 
phase. The reduction in vicosity due to heating the fluid 
and the reservoir rock improves the mobility of the reservoir 
fluids. Pumping of produced fluids which flow into the well 
is required due to cooling during the production phase. The 
application of cyclic steam injection to the Cold Lake tar 
sand reservoir has been successful in that production rates of 
70,000 - 90,000 barrels per day of Cold Lake bitumen have been 
achieved.00, U)
Steam drive requires communication between the injection 
and production wells. In a steam drive process, the injected 
steam provides not only thermal energy to reduce the viscosity 
of the reservoir fluid but also provides the drive energy to 
move the fluid through the reservoir to the production well 
where it is lifted to the surface. Thus steam drive 
applications are limited to those reservoirs and reservoir 
fluids which have the appropriate transmissibility.
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Emulsification processes involve the use of steam in 
conjunction with gases, emulsifiers, or hydrocarbon solvents. 
These additional chemicals act to promote emulsification of 
the high viscosity bitumen, which facilitates the 
transportation of the heated fluids through the reservoir to 
the production well and the lifting of the fluids to the 
surface. An alkaline solution is frequently used to improve 
the degree of continuity in steam displacement by reducing 
interfacial tension.c7,14,35'36) Aromatic solvents such as benzene 
or toluene are good candidates as diluents for extracting 
bitumen from the reservoir. However, there are environmenta1 
concerns due to the toxic and hazardous nature of these 
solvents. Moreover a commercial-scale process would not be 
economically feasible because of the loss of large amounts of 
these expensive solvents to the reservoir matrix. Gases like 
air, methane and carbon dioxide can also be injected with 
steam to improve oil recovery by providing drive energy and by 
reducing the steam:oil ratio.^
Mininq-Surface Recovery Methods
The mining-surface recovery process schemes involve 
mining the oil sand followed by aboveground processing such as 
retorting or extraction coupled with primary upgrading. If 
the oil sands are mined, various methods can be applied for 
the recovery and upgrading of the bitumen. A number of 
techniques have been developed that can be classified into
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four categories: hot water separation, (28,34‘39) solvent-assisted 
aqueous separation,(7,14,36) solvent extraction,(4043) and thermal 
pyrolysis processes. (21'27,44‘46)
Bitumen has been separated and recovered from the 
Canadian Athabasca oil sands by a variation of the Clark hot 
water process.m  This was the most common extraction method 
and involved conditioning, separation and scavengering 
steps. C8,34'37> The bitumen recovery from this process was high 
(approximately 8 8 - 9 1 % ) however, it also produced an 
aqueous sludge which was a significant economic and 
environmental debit. Recently, a pilot plant-scale process 
based on a modified hot water digestion method was 
successfully developed at the University of Utah.(38,39) Ninety- 
five percent of the overall bitumen was recovered from Asphalt 
Ridge oil sands using this process. In addition, a solvent- 
assisted separation process has been incorporated into both 
hot and cold aqueous displacement processes. Kerosene was 
used as a diluent to reduce the bitumen viscosity, resulting 
in a significant decrease in energy demand during the 
extraction step. An alkaline solution was added to control 
the pH and reduce the interfacial tension between bitumen and 
sand surface during digestion.(7,14,36)
Classical solvent extraction processes have been tested 
in laboratory-scale or in small pilot plant-scale operations 
for both Canadian and U.S. oil sands.(41,42) Numerous solvents 
have been proposed for extraction of the bitumen from the
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mined ore.(47,48) In the solvent extraction process, the 
bitumen(42) or kerogen(43) was dissolved and separated from the 
mineral matter by mixing the solvent with the oil sand or oil 
shale ore in an appropriate vessel. The bitumen-solvent or 
kerogen-solvent mixture was then drained from the mineral 
matrix, and the organic was recovered from the mixture, by 
evaporation or distillation of the solvent.(42,43) Although the 
solvent extraction process appears to be a facile method for 
recovering the bitumen, solvent losses may be significant. 
Solvent losses due to evaporation and retention on the 
discarded sand impact the economic feasibility of the 
process.<14) This is due mainly to the problems associated with 
disposal of the contaminated sand. In recent years, increased 
attention has been paid to supercritical solvent extraction 
technology as a potential solution to these problems. (47'49’50_52) 
Fluidized-bed and/or rotary kiln thermal recovery 
processes have been applied extensively to the recovery and 
upgrading of oil sands at the University of Utah.01'27* The 
bitumen undergoes the following steps in these processes: 
distillation, evaporation, pyrolysis, cracking, coking, 
carbonization, gasification, etc. Process variables such as 
temperature, solids retention time, sweep gas(or fluidizing 
gas) flow rate and bitumen concentration have been 
investigated in both the f luidized-bed01-27’53) and rotary kiln^ 
reactors. The produced hydrocarbon liquid yields increased 
when the solid retention time decreased at constant
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temperature and exhibited a maximum with respect to the 
pyrolysis temperature at constant sand retention time.01'27* The 
sweep gas and/or the fluidizing gas flow rates did not affect 
the product distribution and yields in the rotary kiln or 
fluidized bed reactors.
Research Objectives
The primary objectives of this investigation were to 
design, construct and operate a suitable experimental system 
for process variable studies related to super- and subcritical 
solvent extraction of various hydrocarbon fluids. These 
fluids included hexadecane, a light paraffinic crude oil from 
the Uinta Basin, a bitumen-derived liquid produced during 
fluidized-bed pyrolysis of the Whiterocks oil sand, and a 
native bitumen from the Whiterocks oil sand deposit. 
Experiments with hexadecane were conducted to streamline the 
experimental procedure. Experiments were conducted at several 
temperatures and pressures under super- and subcritical 
conditions to assess the effects of these variables on the 
extraction process. Two solvents were used in this 
investigation: carbon dioxide and propane.
The compositions of the feed materials and the extracted 
phases were determined using simulated distillation (SIMDIS) 
and gas chromatography-mass spectrometry (GC-MS). The 
compositional changes of the extracted phases due to changes 
in temperature and pressure were also investigated. In
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addition, asphaltenes (pentane-insolubles) and elemental 
(C ,H,N,S) analyses were performed on the residual fractions 
produced during the propane extraction of the native bitumen. 
The continuously changing compositions of the extract phases 
were predicted by phase behavior calculations using the Peng- 
Robinson equation-of-state based on a pseudocomponent lumping 




Solvent Extraction of Oil Sands
The Canadian mining-surface recovery process for oil 
sands involves treatment with hot water; however, some United 
States oil sands are not suited to the hot-water process 
because of their chemical nature and low bitumen saturations 
as well as environmental concerns.<12) Utah oil sands are 
presumed to be oil-wet as opposed to the Canadian oil sands 
which are water-wet. The direct bonding of the bitumen to the 
sand grains makes the seperation step difficult. Furthermore, 
most of the Utah oil sand deposits are located in arid regions 
that have limited water supplies. A possible solution to the 
lack of water availability would be the developement of a 
viable solvent extraction process. Classical solvent 
extraction processes have been tested at the laboratory or 
small pilot plant scale for both Canadian and United States 
oil sands.(41,42) Solvent extraction processes that have been 
applied to the recovery of bitumen from oil sands are reviewed 
in the subsequent sections.
Solv-Ex Process
In 1983, the Solv-Ex Corporation built a pilot scale test 
unit based on the Solv-Ex oil sand extraction process. <*> It 
was designed for an oil sand feed rate of 3 tons per hour and 
a bitumen production rate of 25 barrels per day. This unit 
was tested using mined oil sands from the Santa Rosa tar sand 
deposit of New Mexico. The Solv-Ex process combines solvent 
extraction and hot water separation concepts. However, it 
does not incorporate air flotation.
Crushed and sized oil sand ore (passing through a 200 
Tyler mesh sieve) was first mixed with a water immiscible 
solvent like toluene to form a solvent-bitumen solution. Hot 
water was then added to the solution. The mixture (bitumen- 
solvent-sands-water) was separated into three different 
phases: an upper extract phase, a middle water phase, and a 
lower spent-sand phase in a gravity seperation step. Each of 
these phases was subsequently processed to produce the 
bitumen, to recover the solvent, to clean the water for 
recycling, and to produce an environmentally acceptable clean 
spent sand. It has been reported that upwards of 98% of the 
extractable bitumen was recovered. Both the recovered solvent 
and the water were recycled. Tailings ponds were not required 
and the net water usage was reported to be as low as one 
barrel per barrel of bitumen. These specific advantages 
overcame environmental and geographical (i.e., processing 
location) limitations resulting from the use of large
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quantities of water in the hot water process. Thus, the 
inventors of the Solv-Ex process claimed it was economically 
and environmentally viable.
A schematic of the Solv-Ex bitumen extraction process is 
presented in Figure 2.1. The oil sand extraction was carried 
out in a conventional stirred tank reactor at a temperature of 
350 K and at residence times up to 20 minutes. The choice of 
solvent is of key importance to the process. A commercially 
available toluene solvent was used for dissolving the bitumen 
and asphaltenes in this process. In general, the solvent-to- 
bitumen volume ratio for efficient extraction was in the range 
4:1 to 10:1, which leads to high capital and utility costs in 
the solvent recovery stage. The Santa Rosa oil sand contained 
up to 7 wt% bitumen and less than 0.3 wt% water. Selected 
properties of the bitumen extracted from Santa Rosa oil sand 
by the Solv-Ex process are compared to a high grade Athabasca 
Canadian oil sand bitumen in Table 2.1.(54) It was observed 
that most properties of both oil sands were nearly identical 
except for the nickel and vanadium contents. This difference 
is related to the depositional environment and the origin of 
the source material.
Dow Chemical Process
The choice of solvent in an extraction process is of 
primary concern because the solvent will directly affect the 
efficiency, cost, safety, and environmental impact of the
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Schematic of the Solv-Ex Bitumen Extraction Process
Figure 2.1
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C, wt% 86.6 83.0
H, wt% 10.4 10.3
N, wt% 0.3 0.5
0, wt% 1.3 1.2
S, wt% 2.2 4.6
Atomic H/C Ratio 1.44 1.48
Molecular Weight4*, g/mol 487 544




Saturates, wt% 28.7 16.2
Aromatics, wt% 13.5 12.6
Polar Compounds, wt% 36.0 52.2
Asphaltenes, wt% 21.8 18.0
*) measured by VPO(vapor pressure osmometry) with benzene
process. Based on these concerns, commercially available 
solvents were tested for their potential for oil sand 
extraction in Dow Chemical's solvent processing unit.<55) It is 
a relatively simple process (Figure 2.2) consisting of three 
basic unit operations: extraction, distillation, and drying.
Chlorinated solvents have been utilized by industry for 
over 50 years because of their solvation power for fats, 
greases, and waxes. The solvents have a long record of safe 
industrial application because they are nonflammable. The 
effectiveness of two of the chlorinated solvents, methylene 
chloride and 1,l,l-trichloroethane, was compared to other non­
chlorinated solvents such as toluene and hexane for the 
extraction of various United States and Canadian oil sands.(55) 
Several extraction techniques were used: Dean Stark, 
countercurrent, and column. Relative efficiencies of the 
various solvents for extracting bitumen from several oil sand 
sources are summarized in Table 2.2. As expected, both of the 
chlorinated solvents exhibited excellent extraction 
efficiencies.
Solvent recovery from the sand and the extracted bitumen 
was investigated using commercial oil seed extraction 
equipment. A simple flash distillation technique was used for 
the recovery of the solvent from the extracted bitumen. It 
was reported that 99.9% of the solvent was removed at 493 K 
and atmospheric pressure. At a feed rate of approximately 90 


































Diatomite 20.9 16.3 17.7
Kentucky 
Tar Sand 3.6 3.4 3.9
Utah Tar Sands








Tar Sand 16.1 15.1 16.0
5 to 10 ppm residual solvent remained on the sand. The 
solvent recovery system used in this study appeared to produce 
an environmentally acceptable spent sand.
Dravo-Rmoco Process
The Dravo company patented a solvent extraction method^ 
which involved three basic steps (Figure 2.3): 1) oil sands 
preparation; 2) bitumen extraction; 3) recovery and 
separation of bitumen and solvent. The process is similar in 
principle to conventional solvent extraction processes used to 
extract vegetable oil from oil seeds. The Dravo solvent 
extraction process for oil sands was developed jointly with 
Amoco.
Crushed oil sand ore was mixed with recycled solvent in 
the preparation step. The solvent-oil sand mixture was heated 
to the desired extraction temperature before it was fed to the 
percolation extractor. In the next stage, the bitumen was 
concentrated and separated from the solvent by multiple effect 
evaporation and steam stripping. The solvent was stripped 
from the spent sand by countercurrent contacting with steam, 
combined with the evaporated solvent, and recycled. Cyclic or 
aromatic hydrocarbon solvents such as cyclohexane, benzene and 
toluene were tested with Utah oil sands. These solvents also 
dissolved the asphaltenes (15 to 25 wt%) present in the 
bitumen. Cyclohexane was determined to be superior to benzene 










Approximately, 96 wt% of the bitumen and 99 wt% of the solvent 
were recovered in the Dravo-Amoco process.
Miscellaneous
Other solvent extraction studies for the recovery of oil 
sand bitumen have been performed by several investigators(56,6I). 
In general, the solvent had a higher economic value than the 
bitumen, thus, a large fraction (approximately 100%) of the 
solvent must be recovered if the process is to be economical. 
Furthermore, it is important to understand the solubility of 
bitumen in the various solvents.<62,63) Solubilities of the 
Athabasca bitumen in the solvents, the normal boiling 
temperatures of the solvents, and the critical temperatures 
and pressures are listed in Table 2.3.<M) The main driving 
force to achieve a higher or more selective yield of products 
depends on the solvation power of the solvents used under 
different conditions. The thermodynamics of the separation 
process are also dependent on the nature of the oil sand.
Kenchington and Phillips(56) examined the relative 
significance of process parameters such as solvent type, the 
ratio of solvent-to-oil sand, and solvent recovery 
efficiencies.(57) The solvent-sand separator efficiency had a 
particularly high sensitivity index because of the relatively 
high cost of solvent. A solvent-to-oil sand ratio of 10/1 was 




The Solubility of Athabasca Bitumen in Various Solvents 











propane 52 231 370 4.2
n-butane 73 273 425 3.8
n-pentane 80-83 309 470 3.3
n-hexane 84 342 507 2.9
n-heptane 88 371 540 2.7
n-octane 90 399 569 2.5
n-decane 91 447 617 2.1
cyclopentane 99 322 512 4.5
methylene chloride 100 313 510 6.1
dichloroethane 100 330 523 5.1
trichloroethane 100 387 602 4.2
benzene 100 353 562 4.9
toluene 100 384 594 4.2
pyridine 100 389 620 5.6
aliphatic hydrocarbon was preferable to an aromatic 
hydrocarbon of the same molecular weight. However, 
Schumacher‘S reported that cyclic or aromatic hydrocarbons with 
normal boiling points in the range of 443 to 483 K are also 
good solvents for extracting bitumen from the oil sands 
because they dissolve the asphaltenes in the bitumen. 
Preferably, these aromatic hydrocarbon solvents should not 
have more than four carbon atoms in substituent groups.
Important solvent extraction process parameters are also 
known to include the viscosity of bitumen-solvent solutions 
and the diffusivity of the solvent in the bitumen as well as 
the ability to dissolve the bitumen.(58) Blaine(59) proposed a 
continuous solvent-recycle process using trichloroethylene as 
the preferred solvent for extracting oil sands. The process 
conditions reported by Blaine(59) were 422 K, 0.3 MPa, and a 5:1 
volumetric solvent-to-bitumen ratio. The process also 
required 1 to 200 ppm of a surfactant to reduce the viscosity 
of the bitumen film on the sand particles, and 1 to 20 ppm of 
a polyelectrolyte to reduce separation difficulties caused by 
fine particle electric charges. Ninety-nine percent of the 
extractable bitumen was recovered with 0.5 wt% total solvent 
loss. The gravity of solvent-free extracted oil was typically
10 to 12°API. However, the spent sand returned to the mine 
site may pose potential environmental problems because of the 
retention of the chlorinated solvent on the sand particles .(59) 
Moreover, in subsequent processing of the bitumen, chlorinated
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species in the bitumen may concentrate in the naphtha- 
fractions and act as a catalyst poison for platinum reforming 
catalysts.
Farcasiu and Whitehurst(60) developed a solvent extraction 
process using a light naphtha and methanol for the extraction 
of Athabasca oil sands. A separation into two liquid layers 
and a sand particle phase occurred in the first stage of the 
process. The three fractions were separated by decantation 
and filtration to produce bitumen, clean solvent, and sand. 
Methanol was effective because it penetrated the water layer 
surrounding the sand particles and reduced the surface tension 
which facilitated the separation. The recovery of the two 
solvents was simplified because of the large difference in 
their boiling points.
Hart, et al.(6I) patented a process which used ultrasonic 
energy and agitation to enhance solvent extraction of bitumen 
from oil sands. The results of experiments with 50 ml of 
acetone indicated that 78 wt% of the total bitumen was 
recovered from the oil sand in 60 seconds after applying 
ultrasonic energy and stirring. However, this method has not 
been demonstrated to be economically feasible.
Upgrading Bitumen bv Solvent Deasohaltina 
Conventional Deasphaltina Process
The solvent deasphalting process was originally 
established to separate heavy paraffinic lubricating oil from
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residual oil in the petroleum industry<65). The commercial 
propane deasphalting process first came on-line in 1934.^ The 
various commercially available solvent deasphalting 
processes'7,65* are listed in Table 2.4. In a typical solvent 
deasphalting process, vacuum resid is mixed with a light 
paraffinic solvent such as propane, butane, or pentane; and 
the mixture is pumped to an extraction tower. A deasphalted
oil solution and an asphalt solution separate in the tower due 
to the differnces in solubility. The solvent is stripped from 
the deasphalted oil and asphalt solutions, and is condensed 
and recycled.
The extracted product was an upgraded oil which is 
asphaltene-free and could be very low in metals depending on 
the solvent used. The high paraffin content, reduced metals 
content, and low carbon residue of this deasphalted oil(DAO) 
were a preferred feedstock for catalytic cracking and 
hydrocracking processes as well as the production of high 
quality specification lubricating oils. Solvent-to-feed 
ratio, pressure, and extractor temperature have been 
investigated as process variables that have an effect on the 
performance of the solvent deasphalting procesess. <7»6S-66> For 
instance, the yield of deasphalted oil is inversely 
proportional to the temperature. A temperature of 344-422 K 
and a pressure of 2.7-4.1 MPa were the preferred operating 
parameter ranges in propane deasphalting for lubricating oil 
production.^
30
i { ( { { { ( (  < (
Table 2.4
Various Solvent Deasphalting Processes
Solvent Deasphlatinq Deep Deasphalting
Solvent Solvent Demek Rose
Decarboning Deasphalting Process Process
Contractor Kellog Foster Wheeler UOP Keer McGee
Commercial
Installation 9 41 3 2
Utilities'0
Electricity
(KWh) 2.2 2.1 1.4 2.7
Steam
(lb/MPa) 30 115 115 24
Fuel
(1000 BTU) 190 86 48 143
Cooling Water 
(gal) 300 810 - 670
U>(-1
Gleitsman and Lambert(66) discussed energy conservation in 
modern solvent deasphalting operations that use high molecular 
weight feedstocks. Propane has been used as the principal 
solvent commercially. The heavier the solvent used, the 
greater the yield and the more viscous the oil produced. 
However, because of the large amount of solvent used in this 
process, a large amount of energy was required to separate the 
solvent from the extract and raffinate phases. Therefore, use 
of multiple-effeet evaporation and/or optimum utilization of 
byproduct asphalt was incorporated to make this process 
commercially feasible.
ROSE Process
A process for upgrading oil sand bitumen has been 
developed by the Kerr-McGee Corporation.m  The first 
commercial Residuum Oil Supercritical Extraction (ROSE) units 
began operating in 1979 at Pennzoil's Rouseville Refinery in 
Pennsylvania and at Kerr-McGee's Wynnewood Refinery in 
Oklahoma to upgrade vacuum residue in petroleum refineries.^ 
Other feedstocks including heavy crude, oil sand bitumen and 
coal liquids, have also been processed. Results from the 
extraction studies(1517) on virgin, visbroken, and hydro- 
catalytically refined Athabasca oil sand bitumen are presented 
in Tables 2.5, 2.6 and 2.7.
Kerr-McGee's ROSE process has been reported to have an 




ROSE Process Product Yield and Quality Results for 
n-Butane and n-Pentane Extractions of Athabasca 
Tar Sand Bitumen 613 K Plus Resid
Bitumen
Resid n-Butane n-Pentane
(613 K+) Asphaltenes DAO10 Asphaltenes DAOa)













(288/277 K) 1. 031 1 . 146 0.978 1.183 0.999
API Gravity
(°API) 5.7 -8. 0 13.2 -11.9 10.1
Nitrogen, wt% 0. 5 1 . 0 0.3 1.1 0.4
Sulfur, wt% 5.4 8. 6 3.7 9.4 4.4
Conradson Carbon 
Residue, wt% 15. 6 36. 0 4.5 48.0 7.6
Nickel, ppm 115 290 20 400 43
Vanadium, ppm 287 700 67 930 125
R&B Softeningb) 
Point, K - 553 - 450 -
Viscosity, cps 
@ 372 K 2000 






Determination of the softening point of asphalts and tar 
pitches by means of the ring-and-ball apparatus
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Table 2.6
ROSE Process Product Yield and Quality Results for 
n-Butane and n~Fentane Extractions of Visbroken 
Athabasca Tar Sand Bitumen Resid
Feedstock Asphaltenes Resin DAO*>
Solvent:n-Butane 
Yields, wt% 100 53.8 13.7 32.5
vol% 100 50.0 14.4 35.7
Specific Gravity 
(288/277 K) 1.085 1.168 1.038 0.986
API Gravity, °API -1.1 -10.4 4.8 12.0
Nitrogen, wt% 0.6 0.8 0.5 0.3
Sulfur, wt% 5.4 6.3 4.8 12.0
Conradson Carbon 
Residue, wt% 31.3 52.0 19.2 6.8
Nickel, ppm 160 330 42 5
Vanadium, ppm 400 750 90 8
R&B Softeningb) 
Point, K 344 429 311 279
Viscosity, cps 
§ 372 K 23,000 800 60
@ 408 K 1,400 115 17
Solvent:n-Pentane 
Yields, wt% 37.4 12.5 50.1
vol% 33.8 12.5 53.7
Specific Gravity 
(288/277 K) 1.202 1.084 1.011
API Gravity, °API -13.8 -1.0 8.5
Nitrogen, wt% 0.9 0.7 0.5
Sulfur, wt% 6.9 5.5 4.2
Conradson Carbon 
Residue, wt% 57.0 30.8 11. 5
Nickel, ppm 350 110 25
Vanadium, ppm 960 260 46
R&B Softeningb) 
Point, K 459 345
Viscosity, cps 
@ 372 K 23,500 135 60
@ 408 K — 120 28
Deasphalted oils
Determination of the softening point of asphalts and tar 
pitches by means of the ring-and-ball apparatus
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Table 2.7
ROSE Process Product Yield and Quality Results 
for n-Pentane Extractions of the Resid 
from Hydrocatalytically Refined 
Athabasca Tar Sand Bitumen
Feedstock Asphaltenes Resin DAO1*
Yields, wt% 100 47.8 27.4 24.8
Nitrogen, wt% 1.0 1.4 0.6 0.4
Sulfur, wt% 5.8 6.7 3.2 3.5
Conradson Carbon 
Residue, wt% 39.1 62.0 22.4 9.6
Nickel, ppm 133 214 51 20
Vanadium, ppm 378 652 106 13
R&B Softeningb) 
Point, K 359 220 37 -
Viscosity, cps 
# 372 K 14,000 360 60
§ 408 K 925 — 135 17
Ash, wt% 0.8 1.6 0.1 <0.01
Deasphalted oils
Determination of the softening point of asphalts and tar 
pitches by means of the ring-and-ball apparatus
instance, significant process energy-savingse were achieved by 
the incorporation of a supercritical separation step and a 
more effective heat exchange recovery system. One feature of 
the ROSE process is that as much as 93 wt% of solvent (at a 
10:1 solvent-to-residue volume ratio) used in the extraction 
step was recovered and recycled as a supercritical fluid phase 
rather than as a vapor by evaporation. The recovery of the 
solvent as a supercritical fluid created many of the 
advantages of the ROSE process. Savings resulted from reduced 
pump horsepower and cooling water requirements. It has been 
claimed that the ROSE process results in a utility saving of 
about 50% over the conventional evaporative method; however, 
this is questionable since a solvent such as pentane with a 
normal boiling temperature of 309 K could be easily separated 
from the oil-solvent mixture by evaporation and 
condensation.(15,16)
The ROSE process used the solvent in its supercritical 
state in the separation step in which the oil and solvent are 
seperated; however, the extraction step is not carried out in 
a supercritical state. A schematic of a ROSE process unit 
designed to separate asphaltenes, resins, and oils from 
residuum is presented in Figure 2.4. The residuum is charged 
to a mixer (M-l), where it is contacted with several volumes 
of a light hydrocarbon solvent such as pentane at an elevated 
temperature and pressure. The mixture is transferred to the 
first separation vessel (V-l). The heavy, high-softening
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Figure 2.4 
Schematic of the ROSE Process
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point asphaltene fraction is withdrawn as a liquid phase from 
the bottom (V-l) and passes through a heater (H-l) to the 
flash tower (T-l), where the solvent is flashed and stripped 
from the asphaltene fraction. The solvent-resin-oil phase 
flowed from the top of (V-l) through a heat exchanger (E-l) to 
a second separation vessel (V-2). As a result of the increase 
in temperature, a second separation takes place in which an 
intermediate resin fraction is withdrawn as a liquid from the 
bottom of (V-2) and is stripped of solvent in a flash tower 
(T-2). The remaining solvent-oil phase is taken overhead from 
(V-2) through a heater (H-2), where its temperature is raised 
above the critical temperature of the solvent and the oils 
seperate from the solvent. The mixture is transferred to the 
final settling vessel (V-3), where the separation of the 
solvent and the oil takes place. The oil-free supercritical 
solvent exits from the top of the settling vessel (V-3) and 
passes through a series of heat exchanges (E-l,E-2) where it 
is cooled to a subcritical temperature for recycle to the 
process by pump (P-l) .<67)
h sc-rose Process
A new process combination(referred as HSC-ROSE process) 
suitable for upgrading oil sand bitumen has been developed by 
Toyo/Mitsui of Japan and the Kerr-McGee Corp. of the United 
States.(68) A pilot plant study has been conducted using the 
HSC-ROSE process which combines Toyo/Mitsui's High Conversion
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Soaker Cracker(HSC) and Kerr-McGee's ROSE supercritical fluid 
technology. The vacuum-reduced Cold Lake bitumen supplied by 
AOSTRA was processed in the HSC pilot plant. The HSC 
resid(bottom product) from the soaking drum was processed as 
a feedstock to the ROSE pilot plant. A conceptual schematic 
of the combined process is presented in Figure 2.5. The 
products from the HSC-ROSE process were gases which can be 
used as fuel; syncrude which is composed of the HSC 
distillates (naphtha, gas oil, and heavy gas oil) and the ROSE 
deasphalted oil(DAO); and asphaltenic resids. The syncrude 
produced from the HSC-ROS1 process could be easily transported 
to a refinery for further processing. The estimated 
properties of the syncrude produced by the HSC-ROSE process 
are shown in Table 2.8. Compared to the deasphalted oil (DAO) 
produced from ROSE process (Tables 2.5 - 2.7), the specific 
gravities of the HSC-ROSE process product (i.e., syncrude) was 
superior.
SFE Process of Petroleum Fractions 
Principle of Supercritical Fluid Extraction
Supercritica1 fluid extraction (SFE) is a unique process 
that makes use of the special properties of fluids above their 
critical temperatures and pressures. Compared to conventional 
separation and extraction techniques, SFE may be more 
effective, more efficient and lower in overall costs. In 
spite of the high capital cost and the potential concerns 
associated with high-pressure operation, increasing attention
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Figure 2.5 







Quality of Syncrude Produced by the HSC-ROSE Process
Low Conversion High Conversion
HSC Distillates HSC Distillates
Plus ROSE DAO Plus ROSE DAO
Yields, wt% 82.0 82.0
VOl% 88.1 88. 8
Specific Gravity
(288/288 K) 0.9330 0.9245
API Gravity, °API 20.2 21.6
Nitrogen, wt% 0.2 0.3
Sulfur, wt% 3.6 3.7
Conradson Carbon
Residue, wt% 3.3 4.4
Nickel, ppm 7 12
Vanadium, ppm 13 22
Viscosity, cps
@ 294 K 130 65
@ 311 K 48 29
has been given to this technology as a solution for many 
challenging separation problems.
The concept of SFE has been utilized in processes such as 
distillation, gas absorption and liquid extraction which are 
sometimes performed at supercritical conditions. (69‘77> A 
rigorous definition of SFE would require that the extraction 
be performed above the critical temperature and the critical 
pressure of the solvent. However, a functional definition of 
supercritical fluid extraction is that the temperature of the 
solvent be greater than the critical temperature of the 
solvent.(14) Pressure-temperature phase diagrams for two 
typical solvents used in SFE are shown in Figure 2.6.
In SFE, the region of greatest interest is the vicinity 
of the critical point(0.9 < Tr < 1.2 and 1.0 < Pr < 3.0), where 
Tr and Pr are the reduced temperature and the reduced pressure, 
respectively. In this region the fluid has liquid like 
densities and gas like diffusivities and exhibits enhanced 
extraction capabilities.04,78’79* The physical properties of 
supercritical fluids are important in understanding SFE. A 
few notable properties of solvents in different states are 
presented in Table 2 . 9 .(78,79) The properties of a supercritical 
fluid are between those of a liquid and those of a gas. The 
density and solvation power of a supercritical fluid are 
similar to those of the liquid state, whereas, mass transport 
properties and compressibilies are like those of a gas. An 
increase in pressure at constant temperature in the
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Pressure-Temperature Diagram for a Pure Compound
Figure 2.6
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tem per a tu r e
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Table 2.9
Properties of Gas, Liquid and Supercritical
Fluid Phases
Property Gas SFp*) Liquid
Density
(g/cm3) 1 0 3 1 0 * 1
Diffusivity
(cm2/s) 10*1 1 0 3 10 s
Viscosity
(cps) 104 10-2 10'1
Supercritical fluid phase
supercritica 1 region causes an increase in fluid density which 
results in an improved extraction yield. The effect is 
particularly significant just above the critical point, as 
additional solute is dissolved by the supercritical fluid due 
to the increased density and strong intermolecular forces in 
the supercritical phase. The partial molar volume of the 
solute is strongly pressure-dependent in the vicinity of the 
critical point of the solvent.<14,79) As the temperature 
increases at constant pressure in the supercritical region, 
the density of the supercritical fluid decreases and its 
solvation power is diminished. If both temperature and 
pressure increase, however, the solute concentration in the 
supercritical phase may increase due to solvent interaction 
and increased solute vapor pressure. Thus, temperature and 
pressure play an important role in determining the efficiency 
of extraction.
An important feature of the supercritical fluid state is 
the enhanced diffusivity and the reduced viscosity of the 
fluid which facilitate penetration of substrates and the 
approach to the equilibrium state relative to solvents at 
subcritical conditions^ (Table 2.9). In some cases, it has 
been observed that the extracts produced from SFE contain 
lower asphaltene and metal(especially, nickel and vanadium) 
contents compared to the extracts produced at atmospheric 
conditions with the same solvent.(49,81)
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The selection of the solvent is an important 
consideration in SFE.(82) The critical temperatures, Tc ,and 
and pressures, Pc, of potential SFE solvents are listed in 
Table 2.10. In particular, specific solvent effects for polar 
and hydrogen bonded solvents (i.e., methanol) can be of 
considerable importance. The type of compounds extracted by 
a supercritical fluid and the extent of extraction depend on 
specific solvent-solute interactions and in general, are 
governed by the chemical size and type of compounds.(14) It is 
known for example, that solvents such as carbon dioxide 
extract lighter compounds more efficiency than heavier 
compounds. (14’50’69'77’83) The trends with respect to chemical type 
have not been well established, with regard to the extraction 
of complex hydrocarbon mixtures by solvents such as carbon 
dioxide.
general Advantages and applications
Supercritical fluid extraction is a viable alternative to 
conventional extraction or separation processes04’6*: (1) heat- 
sensitive compounds may be successfully separated without 
damage or contamination; (2 ) the extracted material may be 
easily separated from the supercritical solvent; (3) high 
selectivity can be achieved in the removal of specific 
components from multicomponent mixtures; (4) supercritical 
solvents are more environmentally acceptable than conventional
49
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Potential Supercritical Fluid Extraction Solvents and 
Their Critical Temperatures and Pressures
Table 2.10
Type Solvent Name TC(K) Pc(MPa)
Inorcranic
Carbon Dioxide 304.2 7.38
Nitrogen 126.2 3.39
Argon 150.8 4.87
Nitrous Oxide 309.6 7.24
Ammonia 405.6 11.28
Freon 13 302.1 3.92














Compounds Methanol 512.6 8.09
Ethanol 513.9 6.14
Propanol 536.8 5.17Isopropanol 508.3 4.76Butanol 563.0 4.42
Isobutanol 547.8 4.30p-Cresol 704.6 5.15
Tetrahydrofuran 540.1 5.19Acetone 508.1 4.70Ethyl Acetate 523.2 3.83Ethyl Ether 466.7 3.64Nitrogen
Compounds Pyridine 620.0 5.63
Methylamine 430.0 7.46
Ethylamine 456.0 5.62D imethy1amine 437.6 5.31
solvents in use today; thereby, reducing workplace hazards; 
and (5) many supercritical solvents leave no solvent residue.
Supercritical fluid extraction has found several 
applications in the petroleum and chemical process industries 
in recent years. (14,69,71'73) Most industrial activities have 
focused on process research and development rather than on 
commercialization. Current SFE research and development 
programs underway are identified in Table 2.11. In addition 
to these food, chemical and heavy hydrocarbon process 
applications, there are numerous possible applications in the 
pharmaceutical, cosmetic, perfume, flavors and fragrances, 
pollution control, and hazardous waste remediation 
industries. (69‘77)
A great deal of work has been done on the phase behavior 
of hydrocarbons with carbon dioxide at high pressures and 
moderately high temperatures. A significant amount of data on 
binary and ternary hydrocarbon-carbon dioxide systems and on 
crude oil-carbon dioxide systems has been reported in the 
literature. (83'91) The phase behavior of hydrocarbons, 
hydrocarbon mixtures and crude oils has applications in 
industrial gas processing and cleanup, gas separations, 
solvent refining of petroleum crude oil fractions and the 
enhanced oil recovery of petroleum crude oil. The description 
of the phase behavior of hydrocarbons and hydrocarbon mixtures 
with solvents of such as carbon dioxide and propane requires 




Food, Chemical and Heavy Hydrocarbon 
Processing Applications of SFE
Food Processing
• Decaffeination of Coffee and Tea
• Deodorization of Oils and Fats
• Extractions
Nicotine from Tobacco 
Vegetable Oil and Fats from Seeds 
Food Coloring from Plant Material 
Hops and Spices 
Fruit Juices
Chemical Separations and Purifications
• Oxygenated Organics from Water
• Separation of Aromatic and Paraffinic Hydrocarbons
• Separation of Nonpolar from Polar Compound
• Aromatic Isomer Separation
• Isotope Separation
• Purification of Organometallic Compounds 
Heavy Hydrocarbon Processing
• Deasphalting Petroleum Fractions
• Enhanced In-Situ Oil and Gas Recovery
• Recovery and Purification of Oils and Lubricants
• Coal Liquefaction
• Shale, Oil Sand, and Lignite Extraction
• Extracting Ozokerite from Ore
by an appropriate number of manageable components or lumps and 
the specification of interaction parameters.m m
The dynamic SFE phenomena described previously have 
direct application in the enhanced oil recovery of crude oils 
by carbon dioxide.(l4,l9) When carbon dioxide is injected into an 
oil reservoir it tends to preferentially extract selected 
components from the reservoir fluid. As the carbonic phase 
moves through the reservoir, it extracts additional crude 
components and is enriched in hydrocarbon content. This 
process is denoted as the forward multiple contact process. 
As fresh carbon dioxide is introduced into the reservoir, it 
strips hydrocarbons from the remaining oleic phase in the 
depleted zone of the reservoir thus changing the nature and 
amount of the residual oil. This process is denoted as the 
backward multiple contact process. Experiments carried out in 
this study simulate the phase behavior aspects of the backward 
multiple contact process.
Applications to Recovery of Bitumen
Various supercritical solvents have been laboratory- 
tested for the extraction of the bitumen from oil sands.(87) A 
solvent was circulated through the extractor containing the 
oil sands at a pressure and temperature above the critical 
point of the solvent. A portion of the organic matter is 
dissolved in the supercritical phase. The extract was easily 
recovered from the gas in the separator by depressurization;
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further purification or separation were not necessary.
Martin and Williams(S1) patented a process for the solvent 
extraction of Athabasca oil sands under supercritical 
conditions. Extractions were conducted using pentane and 
toluene at temperatures in the range 503 to 673 K and at a 
pressure of 10.3 MPa. The results are tabulated in Table 
2.12. Approximately 8 wt% of the bitumen was extracted with 
pentane at 503 K during a 60 minute extraction window. It was 
also found that all (approximately 9 wt%) of the bitumen in 
oil sands can be extracted with toluene at 668 K. The 
preferred volumetric solvent-to-oil sands ratio and extraction 
pressure ranged from 2:1 to 10:1 and 6.9 to 20.6 MPa, 
respectively.
Pang and McLaughlin(47) examined the solubily of oil sand 
bitumen in different types of solvents at supercritical 
conditions. The extractions were conducted for 30 minutes in 
a 1-liter autoclave with 0 . 1 2 mol of solvent per gram of oil 
sands at 573 K. The redeposition of dissolved constituents on 
the oil sand residue occurred during the depressurization 
step. The authors attempted to minimize this effect by rapid 
transfer to the separator. The yields increased with the 
solubility parameter at a fixed temperature and contact time 
(Table 2.13). The following correlation was proposed(47) based 
on the experimental data and the calculated solubility 
parameters (a):




Supercritical Fluid Extraction Data and Product 
Yields for Athabasca Oil Sands
Shale#) Shaleb) Oil Sandc) Oil Sandc)
Solvent Used Toluene Toluene Toluene Pentane
Temperature (K) 713 713 668 503
Time (min) 60 60 30 60
Solvent-to- 
Feed Ratio 18.1 19.4 1 1 . 0 -
Solvent Flow 









8 8 . 0
7.9
89.7
Colorado oil shale 







Yields at 573 K
Solvent Yield P Tc Px c aft ab)Used (Wt%) (MPa) (K) (MPa) (MPa) 1/2
Carbon
Dioxide 2.3 20.7 304 7.4 0.23 2.9
Methanol 5,4 1 0 . 0 513 8 . 1 0.56 4.3
Acetone 10.7 9.3 508 4.7 0.31 6.3
Isopropyl
Alcohol 10.5 10.3 508 4.8 0 . 1 2 6.9
n-Heptane 10.5 9.7 540 2.7 0.35 8 . 6
Cyclohexane 11.5 9.9 553 4.1 0 . 2 1 9.5
Acentric factor (oa) 
Solubility parameter(a)
where Y is the yield (wt%) , a the solubility parameter (MPa1/2) 
and P the extraction pressure(MPa).
Bott(49) investigated the solvation power of sub- and 
supercritical pentane in the extraction of Athabasca oil 
sands. A bed of activated carbon was used to remove 
asphaltenes from the extract in the separation step (stage 2) . 
The emphasis in this study was to obtain fractions of 
commercial interest, such as a demetallized and deasphalted 
oil fraction from oil sand bitumen (maltenes). A process 
schematic is presented in Figure 2.7. The extraction was 
performed with oil sands in a fixed bed at 413 to 513 K and 
1.9 to 8.2 MPa. An active carbon filter was placed after the 
extraction vessel to adsorb asphaltene and porphyrin 
components from the maltene fraction. Benzene was used to 
recover the adsorbed asphaltenes (stage 2) from the filter and 
the asphaltenes (stage 3) left in the extractor. Table 2.14 
indicates that 1 0 . 6 wt% deasphalted light-oil extract was 
dissolved in pentane at stage 1. The metal contents(nickel, 
vanadium and iron) of the various fractions identified in 
Table 2.14 indicated that the maltene fraction produced in SFE 
had been deasphalted and demetalized (Table 2.15).
Compton(52) investigated the extraction of Utah oil sands 
with supercritical solvent mixtures. The use of solvent 
mixtures consisting of two or more components was intended to 
reduce energy consumption. Because Utah oil sands usually 




Process Scheme for Oil Sand Bitumen Extraction with 













Extraction Data for Athabasca Oil Sands
Extraction Stage Stage 1*} Stage 2b) Stage 3C)
Solvent Used n-Pentane Benzene+
n-Pentane
Benzene
Temperature (K) 413-513 533-563 633
Pressure (MPa) 1.9-8.2 5.7-7. 6 1.9
Total Yield (wt%) •»H11lllllI 4 ------- „ 0.7
Maltenes, wt% 
(Oils+Resins) 1 0 . 6 - -
AsphaItenes, wt% 
(Low-MW) - CO•CN _
Asphaltenes, wt% 
(High-MW) - - 0.7
Atmospheric
Extraction
Total Yield (wt%) «------- 1 1. 4 ------- „ 3.4
Pentane solubles(Maltenes) passed through carbon bed 
Pentane solubles(Low-MW Asphaltenes) filtered at 
carbon bed
Pentane insolubles (High-MW Asphaltenes) left in extractor
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Table 2.15 








with n-Pentane 20 6 0.3
Atmospheric Extract 
with n-Pentane 40 - -
Asphaltenes




with Benzene 630 180 290
Atmospheric extract with benzene of the residue after 
the atmospheric extraction with n-pentane(Soxhlet)
volatility, high critical temperature solvent such as toluene 
which extracted organic species in the bitumen on the oil 
sands at a temperature below the critical temperature of the 
solvent mixture. The second component was a high volatility, 
low critical temperature solvent such as methane which allowed 
operation at lower temperature, resulting in reduced energy 
consumption. Other commercially available materials that 
permit lower operating temperatures, such as ethane, 
propylene, carbon dioxide, sulfur dioxide, ammonia and the 
like, were also evaluated.
In each experiment, an 8 gram sample of oil sand from 
Vernal, Utah (i.e., Asphalt Ridge) was charged to a porous 
container which was placed in a stirred 300 cm3 autoclave 
reactor where it was contacted with the solvent mixture. A 
solvent mixture of 75% toluene and 25% methane by weight 
produced the highest yield after 4 hours at 422 K and 17.2 
MPa. The yield was 95% of the bitumen charged to the 
extractor. The results from three different solvent mixtures 
are compared in Table 2.16.
Mutual phase equilibrium solubilities for supercritical 
carbon dioxide and Cold Lake Canadian bitumen were measured up 
to 523 K and 16 MPa by Yum  and Huang.(92) The experimental 
apparatus used in these studies consisted of two high pressure 
metering pumps, two positive displacement syringe pumps, a 
Keniks static mixer and two low pressure separators. The 




Examples of Utah(Vernal) Oil Sands Extraction
Mixture 1 Mixture 2 Mixture 3
Solventfwt%} Toluene(20) Toluene(50) Toluene(75)
Propane(80) Ethylene(50) Methane(25)
Total Yield10 (wt%) 65 80 95
Temperature (K) 408 394 422
Pressure (MPa) 10.3 13.7 17.2
Extraction 
Time (h) 16 4 4
Weight percent recovery based on the extractable bitumen 
determined by a Soxhlet extraction with toluene at 383 K
into the static mixer which served as a windowed, high 
pressure separator. The carbonic and oleic phases were formed 
inside the mixer and were separated and collected as four 
different samples. Mutual solubilities of supercritical 
carbon dioxide and Cold Lake bitumen*?1,92* were experimentally 
measured and are summarized in Table 2.17. The mutual 
solubilities of carbon dioxide and bitumen increased as the 
pressure increased at constant temperature. At a constant 
pressure, the amount of carbon dioxide dissolved in the 
bitumen decreased as the temperature increased. In contrast, 
the amount of bitumen in the carbon dioxide phase increased as 
the temperature increased. Mutual solubilities of carbon 
dioxide and bitumen were also predicted by using three 
different equations of state: Perturbed Hard Chain*93*; Soave- 
Redlich-Kwongm); and Peng-Robinson.p5) The predicted results 
were compared with experimental data and all three equations 
gave reasonably good results.
Athabasca oil sands were treated with supercritical 
propane in a pilot plant at 383 K and 20 MPa.{48) Under these 
conditions, 9.5% of the extractable (with toluene) organic 
material was separated from tar sand ore as a dark-red viscous
oil. The extracts produced at longer contact times were more 
viscous and contained higher molecular weight components. 
Also, most of the material was extracted during the first hour 
(Figure 2.8). A comparison (Table 2.18) of the supercritica1 




Mutual Solubilities of Supercritical Carbon 












323 4 3.5 0.0492 0.00039323 8 2.9 0.103 0.00058
323 12 3.9 0.129 0.0088
323 16 3.7 0.136 0.019
373 4 3.9 0.0310 0 . 0 0 1 0
373 8 3.6 0.0642 0.00081
373 12 2.9 0.0937 0.0014
373 16 3.2 0 . 1 2 0 0.044
474 4 3.9 0 . 0 2 0 1 0.0103
474 8 2 . 8 0.0407 0.0104
474 12 3.3 0.0605 0.0116
474 16 3.2 0.0817 0.0143
523 4 4.5 0.0172 0.0216
523 8 2.9 0.0348 0.0219523 12 2 . 6 0.0545 0.0225
Carbon dioxide to bitumen weight ratio in feed
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Figure 2.8





Comparison between Propane SFE Extract 
and Toluene Extract
Propane Toluene**
Extract Yield (wt%) 9.5 13.5
Asphaltenesb) (wt%) 0 . 0 16.9
Conradson Carbon
Residueb) , wt% 3.3 15.9
Elemental Analysis
wt% c 83.8 81.6wt % H 1 1 . 0 1 0 . 2wt% N 0.5 0 . 8
Wt% 0 1 . 2 1.3
Wt% S 3.1 4.4Atomic H/C Ratio 1.57 1.49
Determined by a atmospheric(Soxhlet) extraction. 
Related to the extract.
extract indicated that the asphaltene contents and the 
Conradson carbon numbers were very different although there 
was no difference in the elemental compositions. The absence 
of asphaltenes in the oil produced by SFE indicated that it 
could be a potential feedstock for further refinery 
operations. The results of infrared spectroscopic analyses 
indicated that the oil produced consisted mainly of paraffins.
Jacoby(48) investigated the solid-liquid phase behavior of 
Athabasca oil sands with light hydrocarbon solvents such as 
ethane, propane, butane and pentane. Extractions were carried 
out at temperatures and pressures where the solvents existed 
as a liquid phase or as a supercritical fluid phase. 
Solubility in liquid ethane at 289 K was much lower than in 
liquid propane , and in supercritical ethane it was less than 
1% the solubility of liquid ethane. It was observed that the 
bitumen was more soluble in a relatively higher carbon number 
solvents such as butane and pentane than in lower carbon 
number solvents such as propane. Furthermore, solubility in 
the C„ solvent was less than in the Cn+1 solvent. The 
viscosity of the propane-bitumen solution was also determined. 
Small amounts of propane dissolved in the bitumen 
significantly reduced its viscosity. Other properties such as 
specific gravity, molecular weight and color of the extracts 
were also reported.
The recovery of bitumen from Athabasca oil sands with 
supercritical water was reported by Berkowitz and Calderon.m)
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Because the critical temperature and pressure of water are 647 
K and 22.1 MPa, all extractions were performed at 673 K to 
assess the effect of the following process variables: (1) 
supercritical (24.5 Mpa) and subcritical (14 Mpa) extraction 
pressures; and (2) sweep rate (0.9-23.7 cm3 steam/min). In 
some instances, toluene and carbon monoxide were added to the 
supercritical water during the extraction stage. The results 
of a series of extractions carried out in this study are 
summarized in Table 2.19. An 80% extract yield was obtained 
with supercritical water and the extract yield was insensitive 
to either sweep rates or extraction pressure. At the highest 
pressure of 24.5 MPa, almost no coke formation (0.8%) was 
observed with the use of supercritical water only. When 
toluene or carbon dioxide was added to the supercritical 
water, relatively less light oil and a larger amount of heavy 
oil were extracted. Significant composition shifts to lower 
carbon number molecules were also observed in the extracted 
oils. This observation led to the conclusion that in the 
vicinity of critical point (22±3 MPa) water may promote a 





Extraction of Oil Sands with Supercritical Water
Run Number #6 #9 #7 #12 #14 #22
Temperature
(K) 673 673 673 673 673 673
Pressure
(MPa) 14 14 14 24.5 24. 5 24.5
Solvent Water Water Water Water W/Ta) W/COb)
Sweep Rate 
(cm3/min) 2.3 7.2 1 0 . 0 6.7 8.3 1 2 . 0
Extract Yield 
(wt%) 71.2 80. 3 75.6 79.5 79.6 83.4
Light Oils 
+ Gase) 
(wt%) 24.4 19.5 1 2 . 6 29.0 7.9 1 0 . 8
Heavy Oils 
+ Bitumen*® 
(wt%) 46.9 60.8 63.0 50.5 73.4 72.6
Residual Bitumen 
(wt%) 21.5 1 2 . 6 2 0 . 6 0 . 8 12.5 14.7
Cokec)
(wt%) 7.3 7.1 3.8 19.7 7.9 1.9
Water:Toluene, 4:1
Water;Carbon Monoxide(CO), 5:1
Calculated from 100-[ (bitumen+heavy oils) + res id. bitumen 
+ coke]
Recovered from pressure let-down vessel 
Defined as toluene-insoluble matter
CHAPTER 3
EXPERIMENTAL APPARATUS AND PROCEDURES
General System Specification 
The supercritical fluid extraction (SFE) system was 
custom-built for the University of Utah by Autoclave 
Engineers, Inc., Erie, Pennsylvania. The system was designed 
for the continuous dynamic extraction of complex hydrocarbon 
mixtures using carbon dioxide and propane. Three different 
hydrocarbon fluids— a paraffinic crude oil, a bitumen-derived 
liquid produced during fluidized-bed pyrolysis of the 
Whiterocks oil sand ore, and the native Whiterocks bitumen—  
were used as the hydrocarbon phase in this investigation.
The extraction system consisted of three sections: the 
supercritical fluid supply system, the extractor assembly, and 
the separator assembly. A schematic of the SFE system is 
presented in Figure 3.1. The SFE apparatus and the operating 
procedures are described in this chapter.
SFE Apparatus Fluid Supply System
The supercritical fluid supply system consisted of a 
cylinder, a check valve and line filter, a high pressure 
liquid metering pump, a circulating bath with a refrigerator, 
and a back pressure relief valve with a regulator. The fluid 
was withdrawn from the cylinder by means of a siphon tube and
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Figure 3.1
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was introduced into the extractor by a high pressure, positive 
displacement liquid metering pump (manufactured by LDC 
Analytical). The maximum output pressure of the pump was 41 
MPa and the flow rate ranged from 46 to 460 cm3/h. A check 
valve and a line filter were located on the inlet side of the 
pump. The valve was provided to manually bypass the 
extraction vessel and to vent directly to the atmosphere.
The pump-head was cooled to 272 K by a 3.7 liter 
circulating cooling bath (manufactured by Fisher Scientific, 
Model 900) to reduce vaporization of the fluid in the inlet 
line to the pump. The circulating bath was a reservoir-type 
constant temperature circulator with a fluid discharge 
temperature range of 258 K to 373 K. A solid-state 
temperature controller maintained the bath temperature to 
within ±0.02°C of the set point. The system pressure was set 
and maintained by a back pressure regulator valve 
(manufactured by Haskel Engineering & Supply Co.) installed in 
parallel with the pump.
SFE Apparatus Extractor Assembly
A temperature controlled, 300 cm3 extractor was the 
central element of the system. The extractor was rated for 
operation at a pressure of 37 MPa at 616 K. The extraction 
vessel was an Autoclave Engineers, Inc. bolted-closure 
autoclave equipped with a magnetic-drive packer-less stirring 
device. High speed agitation was achieved by the rotation of
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external magnets which actuated internal magnets fastened to 
the stirrer shaft. A 1/4 to 2 hp adjustable voltage DC motor 
(manufactured by Electric Motors, Inc.) rotated the stirrer at 
rates up to 2500 rpm. The external drive magnet assembly 
consisted of an aluminum holder containing the magnets. This 
outer holder was placed over the pressure-sealed housing 
containing the encapsulated rotor magnets which were mounted 
on the stirrer rod. A magnetic field caused the inner rod to 
rotate at the same speed as the external magnet housing.
The bolted closure unit consisted of the body, cover, 
closure gasket, and cap screws. The entire assembly was 
constructed of 316 stainless steel. A metal gasket was used 
for high-temperature (T > 380 K) applications. An "O" ring 
seal was used for low-temperature operation (T < 311 K). The 
extraction vessel was heated by an electric furnace 
(manufactured by Autoclave Engineers, Inc.) with a maximum 
allowable temperature of 1033 K. A three-mode (PID) 
temperature controller with a type 'K' thermocouple 
(manufactured by Eurotherm Corp.) was used to control and 
maintain the temperature inside the extractor vessel. An 
eight-point pushbotton digital temperature indicator 
(manufactured by Eurotherm Corp.) was provided to monitor the 
temperatures of the extractor and separator vessels.
A schematic of the extraction vessel is presented in 
Figure 3.2. The extraction vessel stirring mechanism was an 
AE Dispersimax stirrer with a 3.2 cm diameter impeller. Six
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Figure 3.2 
Schematic of the Extraction Vessel
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blades were mounted on the shaft. The mixing device was a 
turbine-type agitator provided with a hallow shaft used in 
conjunction with removable baffles in the vessel. The inside 
diameter of the extraction vessel was 4.6 cm, thus the 
distance between the blade tip and the extractor wall was 0 . 6  
cm. In operation, a low pressure area was created at the 
turbine impeller. The inlet gas was drawn down through the 
hallow shaft and was dispersed throughout the liquid. The 
bubbles were broken up by the baffles. This type of agitation 
insured constant circulation of reactant gases throughout the 
liquid. A stainless steel line was used to transfer the fluid 
from the extractor to the separator.
SFE Apparatus Separator Assembly
The separator assembly consisted of a separator vessel, 
a fluid transfer line with a micrometering valve, and a gas 
outlet line with a flow-meter and a flow-totalizer. The 
separator vessel was a Zipper Closure 316 stainless steel 
pressure vessel (manufactured by Autoclave Engineers, Inc.) 
which had a capacity of 500 cm3 and a maximum allowable 
working pressure of 13.7 MPa at 505 K. The vessel consisted 
of a top and bottom cover with Buna-N 0-ring seals. A type 
'J' thermocouple was used to monitor the internal temperature 
and a bottom-mounted valve was used to withdraw liquid phase 
samples. Samples of the extracted phase were withdrawn by 
opening the ball valve located at the bottom of the vessel.
79
The fluid transfer line was piped directly from the 
extractor vessel into the separator vessel. An Autoclave 
Engineers' micrometering valve mounted in the fluid transfer 
line was used for precise control of small flow rates. This 
allowed the extractor pressure to be maintained by the back 
pressure regulator and relief valve as the carbonic or extract 
phase was being transferred from the extractor to the 
separator. The micrometering valve and the line from the 
valve to the separator vessel were heat-traced with heat tape 
to prevent freeze-up during the transfer step. A proportional 
controller (manufactured by the Briskheat Corporation) was 
used to supply power to the heating tape. The transfer line 
heat duty depended upon the pressure drop and the flow rate. 
The controller was operated in the range 15 to 20% of full 
scale in this study.
The gas outlet line was piped directly from the top of 
the separator vessel to the vent system and included an in­
line flow-meter and a flow-totalizer. When propane was used 
as the supercritical fluid the vent line was flared to 
circumvent the hazards of propane accumulation at low points 
in the laboratory. Overpressure protection was provided by a 
pressure relief valve. The flow-meter (manufactured by EG&G 
Flow Technology) was an in-line volumetric flow metering 
device which monitored the flow rate (range of 0.2 to 5.7 
standard liters per min.) of the gas being vented from the 
system. The flow-totalizer (manufactured by EG&G Flow
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Technology), in series with the flow-meter, measured the 
cumulative volume (@ STP) of gas vented through the extractor- 
separator system.
Experimental Procedures
The operating procedures employed in the supercritical 
fluid extraction experiments are described in this section.
1. The main electric power switches on the control 
system were turned on to supply power to the system, and all 
valves except the bleed valve were opened.
2. The extraction vessel was filled with the material 
to be extracted and the extraction system was purged for 5 to 
10 min. with N2 gas in order to remove air from the system.
3. The heater on the extraction vessel was activated. 
The desired temperature of the extraction vessel was set and 
maintained by a three-mode (PID) temperature controller.
4. The shut-off valve was closed and the solvent gas 
(i.e., C02 or C3Hg) cylinder valve was opened to pressurize the 
system to cylinder pressure.
5. The circulating cooling bath was turned on to 
maintain the pump-head at 272 K.
6. Once the pump-head was cooled to 272 K, it was bled 
by opening the bleed valve slowly until liquid solvent passed 
out of the system. At that time, the valve was vapor free and 
the liquid solvent filled the pump head.
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7. The bleed valve was closed and the pump was turned 
on. After a short period of time, a pressure rise was 
recorded on the system pressure gauges.
8 . The back pressure regulator and relief valve were 
set at the desired extraction pressure.
9. The proportional controller was turned on to provide 
heat to the micrometering valve to prevent freezing or "icing" 
of the valve.
10. Once the system attained the desired pressure and 
temperature, the flow was started by opening the shutoff 
valve. The flow rate was adjusted with the micrometering 
valve.
11. The supercritical fluid was admitted to the 
extractor where the extraction took place and the solute- 
loaded extract phase (or the supercritical fluid phase) was 
transferred into the separator where it was depressurized and 
separation occurred. The gas separated from the extract phase 
in the separator was vented through a flow-meter and a flow- 
totalizer.
12. After 25 liters (@ STP) of gas had passed through 
the totalizer, the product accumulated in the separator was 
collected via the liquid phase sampling valve. It was weighed 
and stored for analyses. In each extraction sequence, five to 
eight extract samples were collected. Each sample 
corresponded to an extraction window of 25 liters (@ STP) of
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gas vented through the totalizer or to about 20 min. 
extraction time.
13. The extraction process was stopped once the amount 
of extract in an extraction window dropped to a level of 10 - 
20 wt% of the oil collected in the first extraction window. 
The extractor was depressurized and the residue was weighed 
and stored for analyses.
14. Once the experiment was completed, the whole 
extraction system was cleaned using toluene and acetone.
Analysis Methods 
Liquid Product Analysis
The paraffinic crude oil, the bitumen-derived liquid, the 
Whiterocks bitumen, and selected extracts from each experiment 
were analyzed by simulated distillation (SIMDIS) and by gas 
chromatography - mass spectrometry (GC-MS). The SIMDIS 
analyses of the paraffinic crude oil was performed on a 
Hewlett-Packard 5730A gas chromatograph which had dual, flame 
ionization detectors and dual 3% Dexsil 300 on 80/100 mesh 
Anachrom Q stainless steel columns (6.35 mm O.D. and 46 cm 
long). The initial temperature for each analysis was 243 K, 
the final temperature was 623 K and the temperature program 
rate was ll°C/min. The injection temperature was 623 K and 
the detector temperature was 673 K. The samples were assigned 
carbon number cuts based on the elution pattern of a standard 
sample which contained normal alkanes ranging from C5 to C40.
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The linearly interpolated carbon numbers corresponding to the 
retention times of the standard sample (C5 to C40) are 
presented in Figure 3.3. One of the standard assumptions of 
SIMDIS was that in a particular carbon number class, of all 
the chemical types, the normal alkane is the last to elute. 
Compounds as heavy as C50 were expected to elute from the 
column under the elution conditions employed, because the 
highest temperature employed in the gas chromatograph for the 
SIMDIS analyses was 623 K. The fraction above C^ was assumed 
negligible for the crude oil sample and the carbon number 
distributions obtained were limited from C5 to C^.
The SIMDIS analyses of the bitumen-derived liquid and the 
native bitumen were carried out on a Hewlett-Packard 5890 
(Series II) gas chromatograph which had dual flame ionization 
detectors and a 100 % dimethyl-polysiloxane HP-1 fused-silica 
capillary column (30 m length, 0.53 mm I.D. and 0.88 pm film 
thickness). The initial temperature was 308 K and the final 
temperature was held at 623 K for 10 min. The temperature 
program rate was 10 °C/min. The injection temperature was 548 
K and the detector temperature was 598 K. A one jul sample was 
injected with a split ratio of 1/10. The flow rate of the 
helium carrier gas was 12 cm3/min. The highest temperature 
employed in the gas chromatograph for the SIMDIS analyses was 
also 623 K. It is expected in these analyses that the 
fraction in the sample that boils above about 873 K does not 
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internal standard, the fraction that does not elute from the 
column was computed. The volatility was defined as the wt% of 
the total sample which eluted from the column under the 
elution conditions employed.
The GC-MS analyses were performed on a Hewlett-Packard 
5890 gas chromatograph combined with an ion trap detector 
system (supplied by Finnigan Mat, Inc., Model 700). A DB-1 
capillary column (0.25 mm O.D. x 30 m long, 0.25 film 
thickness) was used. The initial temperature for each 
analysis was 313 K, the final temperature was 573 K and 
temperature program rate was 5°C/min. The samples (0.2 pi) 
were injected directly with the split ratio of 1/18. The flow 
rate of the helium carrier gas was 2 cm3/min at 103 KPa.
The Conradson carbon residue and the pour point of the 
feedstocks used in this study were determined according to the 
procedures outlined in the ASTM D189-65 and ASTM D97-66 
methods, respectively. The asphaltene content of the residual 
fractions from the propane-bitumen extraction experiments was 
determined according to an analytical method developed by 
AOSTRA.m  The amount soluble in pentane was defined as 
maltenes. The pentane-insoluble fraction was defined as 
asphaltenes. The elemental (C,H,N,S) and trace metals 
(Ni,V,As) analyses for the feedstocks and selected fractions 
were carried out by Galbraith Laboratories, Inc., Knoxville, 
Tennessee. Molecular weight, specific gravity and viscosity
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of the feedstocks used were also measured by Galbraith 
Laboratories, Inc.
Gas Analysis
The carbon dioxide and propane used in this study as 
supercritical media were supplied by Liquid Air Corporation 
and Wasatch Propane, Inc., respectively. Gas samples were 
analyzed using a Hewlett-Packard Model 5830A gas chromatograph 
which has dual thermal conductivity detectors and dual 80/100 
mesh chromosorb 102 columns (3.18 mm O.D. and 6.1 meter long). 
The helium carrier gas flow rate was set at 40 cm3/min. The 
chromatographic analyses of the feed gases are presented in 
Table 3.1.
The effluent gas stream from the extractor-separator 
system during an extraction was sampled for chromatographic 
analysis. The hydrocarbon species present in the collected 
gas samples were also identified and quantified in a gas 





Characterization of Carbon Dioxide and Propane Gases Used
in the SFE Experiments
Carbon Dioxide Propane
Supplier Liquid Air Corporation Wasatch Propane,Inc
Grade Commercial Commercial
Cylinder




5723 KPa(830 psia) 758 KPa(110 psia)
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(Volume %)






Air, water and light hydrocarbons (i.e., CH4, CjHg, C3H8, 
etc.)
CHAPTER 4
MODELING THE EXTRACTION PROCESS
A successful representation of SFE of heavy oils requires 
specification of an appropriate equation-of-state, the 
development of a pseudoeomponent lumping scheme to represent 
the heavy oil, and the calculation of pseudocritical 
properties to represent the extraction process. The Peng- 
Robinson equation-of-state(95) (P-R EOS) was used for the phase 
behavior calculations and to predict the composition of the 
extracted phases. The vapor-liquid equilibrium (VLE) 
calculations for the crude oil-solvent, the bitumen-derived 
liquid solvent, and the bitumen-solvent mixtures were complex 
due to the large number of components involved. Therefore, it 
was necessary to specify a number of manageable lumps to 
decrease the number of parameters used to describe the multi­
component mixture. Once the pseudocomponents were chosen, the 
critical properties of these components were calculated.
Modeling of the extraction process requires consideration 
of equilibrium between the phases formed under experimental 
conditions conducted in this study. The basis for the two 
phase flash equilibrium calculation was a successive 
substitution (SS) method,<98) which consists of the following 
steps.
1. Assume equilibrium K-values.
2. Calculate the phase distribution and compositions 
corresponding to the given K-values.
3. Calculate component fugacities in each phase and 
check for equality.
4. If equality is not achieved, correct the K-values on 
the basis of the fugacities and repeat the 
calculation beginning with step 2 .
The material balance for component i in the flash process is 
given by
L x} + V y; = Nt Zi.
In the following it was assumed that the liquid phase was oil 
and the vapor phase was the solvent-rich phase. The 
equilibrium constant (K) is introduced in the conventional
way;
Ki = Yi / x;.
Thus, we can express the composition of the gas <ys) as a 
function of the feed composition (Z;) , the equilibrium constant 
(Kj), and the liquid fraction (L) :
In the iterative procedure, the fugacities are determined 
from the compositions and the K-values are corrected using the 
fugacities before the calculations are repeated. The liquid 
and vapor fugacities can be written
fl.,i =  X i0L,i^
fvj = yj#v,ip
where fLi is fugacity of component i in the liquid phase, fVi 
is fugacity of component i in the vapor phase and $Li and <pvi 
are the fugacity coefficients of component i. At equilibrium 
the fugacities are equal
fi.,i = fv.i 
and the K-values are given by
K, = y ./x. = 0Li/0Vi.
The basic correction step in SS^ is to use the last values 
for the fugacities coefficients to make an improved K-value 
estimate.
Equation of State
An accurate description of the PVT behavior of fluids 
over a wide range of temperatures and pressures is essential 
for the design and successful operation of extraction and/or 
separation processes. Cubic equations-of-state have generally 
been preferred for vapor-liquid equilibrium
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calculations.(87’94’95,99’10Q) Generalized cubic equations- of-state 
like the Redlich-Kwong-Soave(94) (R-K-S EOS) and the Peng- 
Robinson(95) equations-of-state (P-R EOS) have been used 
extensively to describe two- and three-phase equilibria for 
mixtures of carbon dioxide with complex hydrocarbon mixtures. 
In general, the cubic equations of state are valid for non­
polar or slightly polar components.(98) The P-R EOS was used in 
this work since it is more accurate than the R-K-S EOS in 
predicting the phase compositions and hydrocarbon liquid 
densities in equilibrium flash calculations involving multi­
component hydrocarbon mixtures.m
The application of the P-R EOS to isothermal flash 
calculations for vapor-liquid systems is reviewed in this 
section. In vapor-liquid equilibrium calculations using the 
mixture descriptions from the component-lumping technique, the 
equilibrium equation must be reformulated in terms of the 
mixture description. The P-R EOS is defined as follows:
p_ RT _______ a______
” V-b~ V (v+b) +b(V-b)
where b = 0.07780 (RTC/PC)
a (T) = 0. 45724a (RTC)2/PC
a = [1 + m(l-Tr05) ] 2
m = 0.37464 + 1.542268) - 0.26992&2.




Z3- (1-S) Z2+ (A-3B2-2B) Z- (AB-B2-B3) =0
where A = aP/(RT) 2 
B = bP/RT.




where, a^= ( 1 - 6 ^ )  ( a Ja j ) 0,5
where 5S is the binary interaction coefficient between 
component i and component j. Primary data requirements for 
the P-R EOS model are Tc, Pc and the acentric factor, S>.
Component Lumping Procedure 
The type of lumping which has commonly been used is 
"pseudocomponent lumping,,(101) in which the mixture components 
are divided into component classes called pseudocomponents. 
The VLE calculations are performed with these pseudocomponents 
as if they were real, physical components. The analytical 
lumping technique developed by Whitson(,Q2) was used to 
approximate the paraffinic crude oil as several discrete 
classes.
Since a large number of compounds are grouped into these 
pseudocomponents, there are inherent uncertainties in the 
lumping process. Specification of the number of
pseudocomponents sufficient for appropriate mixture 
representation, number and type of compounds that make up a 
single pseudocomponents and of the critical properties of the 
pseudocomponents are required for approximation. An 
alternative to component lumping is continuous thermo­
dynamics003'10® where the mixture is represented by a continuous 
distribution rather than discrete pseudocomponents. 
Equilibrium criteria^8,101* must be reformulated to perform the 
VLE calculations for both discrete lumping and continuous- 
distribution techniques. Pseudocomponent lumping has proven 
to be more practical in the representation of crude oils in 
phase equilibrium calculations.001,109'11® Pseudocomponent lumping 
was chosen as the initial techinques to model the extraction 
process.
The 35 fractions of the paraffinic crude oil generated by 
the SIMDIS analyses were lumped into an appropriate number of 
pseudocomponents for phase behavior calculations. Whitson's 
lumping scheme<102) was utilized for the paraffinic crude oil. 
The generalized properties of the 35 component fractions of 
the crude oil are listed in Table 4.1(83) where the properties 

















c5 307 309 72 72 0.631 0 . 1
C6 337 342 84 86 0 . 6 8 6 0.3
c7 365 371 96 100 0.724 3.0
Cg 390 399 107 114 0.747 8 . 0
e9 415 424 1 2 1 128 0.766 6.9
c10 439 447 134 142 0.780 6 . 0c„ 460 468 147 156 0.791 5.0
*-12 481 489 161 170 0.802 4.6
C13 500 508 175 184 0.813 4.1
C14 520 526 190 198 0.824 5.0
C,5 539 543 206 2 1 2 0.834 5.2
C16 556 560 222 226 0.841 4.8
c„ 573 575 237 240 0.849 5.6
C !, 586 590 251 254 0.854 3.7
C,9 598 604 263 268 0.859 3.2
2^0 611 617 275 282 0.864 3.7
C2I 624 630 291 296 0.869 2 . 8
C22 630 642 305 310 0.874 3.5
*-23 648 653 318 324 0.879 3.0
C24 659 664 331 338 0.883 2 . 8
C25 670 675 345 352 0.887 3.0
c26 681 685 359 366 0.891 2 . 6691 695 374 380 0.895 2 . 6
*-2S 701 705 388 394 0.898 2.3
C29 709 714 402 408 0.901 1.9
C,o 719 723 416 422 0.904 1.3
* 3^1 727 732 430 436 0.908 1 . 1
C32 736 741 444 450 0.911 0.9
C,3 745 749 458 464 0.914 0.7
C34 752 756 472 478 0.916 0.4
c35 760 764 486 492 0.919 0.4
*-36 767 771 500 506 0.921 0.4
C37 774 778 514 520 0.924 0.3781 785 528 534 0.926 0.3
C39 788 791 542 548 0.928 0.3
C40 795 798 556 562 0.930 0 . 2
a) Generalized properties of petroleum C6+ group
b) Data of crude oil assumed by n-alkane (C„H2n+2)
c) Specific gravity from Katz's generalized properties
d) Mole percent for the crude oil used in our studies
The C7+ fractions of the crude oil can be grouped into NH 
pseudo-components according to Whitson's lumping scheme:
Nh = l + 3.3 log(N-7) 
where N is the carbon number of the heaviest fraction in the 
original crude oil. The highest molecular weight normal 
paraffin identified in the SIMDIS chromatogram was C40. Thus, 
carbon number 40 was assumed to be representative of the 
heaviest fraction of the crude oil and NH was computed to be 
6 . The groups were classified according to molecular 
weights(Mj) as determined from the crude oil SIMDIS analysis:
1/NhM, = M7 (Mn/M7)
where I = 1,... ,NH. Since the concentrations of C5 and C6 
hydrocarbons in this oil were small, these components were 
lumped with the first C,-plus fraction. Detailed procedures 
are described in Appendix E.
Four fractions of the bitumen-derived liquid generated by 
the SIMDIS analyses were adopted as pseudocomponent-lumps for 
the phase behavior calculations. However, due to low 
volatility of native bitumen (about 35 wt%), the nonvolatile 
fraction of native bitumen (fraction boiling above 811 K) was 
extrapolated to a boiling point of 1100 K. Five fractions 
were chosen as pseudocomponents to represent the native 
bitumen. Each fraction corresponded to 20 wt% bitumen on the 
extrapolated boiling point curve. The boiling point ranges of
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the pseudocomponents chosen for each of the three different 
feedstocks are presented in Table 4.2.
Pseudo-Critical Properties Calculation
Once the pseudocomponents were chosen, the critical 
properties, Tc and Pc, and the accentric factor, b, were 
calculated from the assigned mean average boiling point and 
the specific gravity which was estimated on the basis of the 
Watson characterization factor. A simple mole average mixing 
rule and the Kesler-Lee correlations011* were used in these 
calculations (see Appendix F) . The pseudocritical properties 
of pseudocomponents chosen to represent the crude oil are 
listed in Table 4.3. The interaction parameters between 
carbon dioxide and each of the pseudo-components are also 
listed in Table 4.3. Deo, et al.^ observed that the 
interaction parameters between carbon dioxide and normal 
alkanes decreased as the carbon number of the normal alkane 
increased. This trend was used to assign the interaction 
parameters in this study.
In the case of pseudocomponents used to represent the 
bitumen-derived liquid and the native bitumen, the Watson 
characterization factor, 1^ ,, and the mean average boiling 
point were used to estimate the specific gravity of each 
pseudo-component. The Watson factor (K*) is related to the 
normal boiling point (Tb) in °R and specific gravity (sg){86,111) 




Boiling Point Distributions of Pseudocomponents Generated 
for Representing Three Different Feedstocks
Boiling Point Range (K) Wt%
Crude Oil
Pseudocomponent 1 309 - 447 24.3
Pseudocomponent 2 448 - 468 5.0
Pseudocomponent 3 469 - 489 4.6
Pseudocomponent 4 490 - 508 4.1
Pseudocomponent 5 509 - 575 20.6
Pseudocomponent 6 >575 41.4
Bitumen-Derived
Liquid
Pseudocomponent 1 417 - 477 4.5
Pseudocomponent 2 478 - 616 24.4
Pseudocomponent 3 617 - 811 48.0
Pseudocomponent 4 >811 23.1
Native Bitumen
Pseudocomponent 1 5 2 0 - 6 8 9  20.0
Pseudocomponent 2 690 - 786 20.0
Pseudocomponent 3 787 - 857 20.0
Pseudocomponent 4 8 5 8 - 9 3 1  20.0
Pseudocomponent 5 >931 20.0
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Table 4.3
Lumped Thermodynamic Properties of Crude Oil Used for Phase
Behavior Calculation
Oil SG T„ P c Vv c TA e & MW IP
FI Oil 0.754 402 2 . 8 0.45 583 0.36 114 0 . 1 1
F2 Oil 0.791 460 2.3 0.57 642 0.45 147 0 . 1 1
F3 Oil 0.802 481 2 . 2 0.63 663 0.49 161 0 . 1 0
F4 Oil 0.813 500 2 . 0 0.67 681 0.53 175 0 . 1 0
F5 Oil 0.837 546 1 . 8 0.84 724 0.62 213 0 . 1 0
F6 Oil 0.881 657 1 . 2 1.15 821 0.95 338 0.07
SG: specific gravity(289/289K) Tb: boiling point(K)
Pc: critical pressure (MPa) Tc: critical temperature (K)
h: acentric factor Vc: critical volume(1 /gmole)
MW: molecular weight(g/mol)
IP: interaction parameter between C02 and hydrocarbons
FI Oil: C5-C10 fraction(24.3 wt%) of crude oil feedstock
F2 Oil: Cn fraction(5.0 wt%) of crude oil feedstock
F3 Oil: Cj2 fraction(4. 6 wt%) of crude oil feedstock
F4 Oil: C13 fraction(4.1 wt%) of crude oil feedstock
F5 Oil: el4-C17 fraction(20. 6 wt%) of crude oil feedstock
F6 Oil: C^-Qki fractional.4 wt%) of crude oil feedstock
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The Watson factor varies from 8.5 to 13.5 depending on the 
compound chemical type(95,U2): for paraffinic compounds, K* = 
12.5 to 13.5; for naphthenic compounds, K„ = 11.0 to 12.0; and 
for aromatic compounds, K*, = 8.5 to 11.0. Because the K* 
values overlap for the three classes of hydrocarbons, a Watson 
K„factor of 1 1 . 0  was assumed for the calculations carried out 
in this investigation. The pseudocritical properties of the 
lumped pseudocomponents were determined by the Kesler-Lee 
correlations using the values of Tb and sg.(111) The 
pseudocritical properties of the components representing the 
bitumen-derived liquid and bitumen are listed in Table 4.4 and
4.5, respectively.
The interaction parameters used in the phase behavior 
calculations were determined by a trial and error procedure. 
Interaction parameters between propane and each pseudo­
component were initially established by using CMGPROP(113) which 
is an equation-of-state phase properties calculation program. 
The interaction parameters were adjusted to obtain the best 
possible agreement between the experimental and calculated 
extract-phase compositions. Interaction parameters used for 
phase behavior calculations involving bitumen-derived liquid 
and bitumen are also listed in Table 4.4 and 4.5, 
respectively.
K w=Tb1/2/ s g
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Table 4.4
Lumped Thermodynamic Properties of Bitumen-Derived Liquid 
Used for Behavior Calculation
oil SG % Prt vc T S> MW IP
Fl oil 0.846 447 2.9 0.80 647 0.40 140 0 . 0 1
F2 Oil 0.905 547 2 . 2 1.27 747 0.58 2 1 0 0.05
F3 Oil 0.988 714 1.4 2 . 2 2 901 0.93 364 0 . 1 0
F4 Oil 1.043 839 1 . 0 2.99 1 0 1 0 1.17 493 0 . 1 0
SG: specific gravity(289/289K) Tb: boiling point(K)
Pc: critical pressure (MPa) Tc: critical temperature (K)
S>: acentric factor Vc: critical volume(1/gmole)
MW: molecular weight(g/mol)
IP: interaction parameter between C3H8 and hydrocarbons
FI Oil: 4.5 wt% fraction(b.p.: 417 - 477 K) of feedstock oil
F2 Oil: 24.4 wt% fraction(b.p.: 478 - 616 K) of feedstock oil
F3 Oil: 48.0 wt% fraction(b.p.: 617 - 811 K) of feedstock oil
F4 Oil: 23.1 wt% fraction(b.p.: > 811 K) of feedstock oil
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Table 4.5
Lumped Thermodynamic Properties of Whiterocks Bitumen 
Used for Phase Behavior Calculation
Oil SG Tb PJr C TC h MW IP
FI oil 0.902 637 1.5 1.63 814 0.58 301 0.05
F2 Oil 0.959 765 1 . 0 2.27 925 0.80 440 0 . 1 0
F3 Oil 0.990 840 0 . 8 2.71 988 0.94 526 0 . 1 0
F4 Oil 1 . 0 1 2 912 0.7 3.16 1045 1.04 612 0.15
F5 Oil 1.059 1029 0.5 3.92 1142 1.25 736 0.15
SG: specific gravity(289/289K) Tb: boiling point(K)
Pc: critical pressure (MPa) Tc: critical temperature (K)
b: acentric factor Vc: critical volume(1/gmole) 
MW: molecular weight(g/mol)
FI Oil: 20 wt% fraction(b.p.: 520 - 689 K) of feedstock oilF2 Oil: 20 wt% fraction(b.p.: 690 - 786 K) of feedstock oilF3 Oil: 20 wt% fraction(b.p.: 787 - 857 K) of feedstock oxl
F4 oil: 20 wt% fraction(b.p.: 858 - 931 K) of feedstock oil
F5 oils 20 wt% fraction(b.p.: > 931 K) ■of feedstock oil
Phase Behavior Calculation Procedure
In the present system configuration, it was not possible 
to measure the initial overall concentraiton of carbon dioxide 
independently. Hence, the initial extractor charge was used 
to calculate the overall compositions and a flash calculation 
was performed at the system conditions. The carbon dioxide 
concentration was calculated from the volume available inside 
the extractor with an assumption of no volume change on mixing 
between the carbon dioxide and the feed oil. It is recognized 
that this assumption is restrictive; however, it was observed 
from the flash calculations with different initial overall 
compositions that the extracted phase compositions were not 
particularly sensitive to the initial overall system 
composition.
It was assumed that for the first extraction window, the 
extracted phase composition was given by the initial flash- 
calculation. The amount of solvent (i.e., carbon dioxide and 
propane) exiting the system and the amount of oil extracted 
during the first extraction window were determined 
experimentally. These amounts, along with the composition of 
the feed oil, determined by SIMDIS, were used to reconstruct 
the extracted phase composition inside the extractor at the 
extraction conditions. This provided the comparison between 
calculated and experimental extracted phase compositions.
The phase density of the extracted phase was calculated 
by the P-R EOS. The amount of material withdrawn during the
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first extraction window and the density of the extracted phase 
were used to compute the volume of extracted phase withdrawn 
during first stage. It was assumed that this volume was 
replaced by fresh solvent gas (i.e., carbon dioxide and 
propane) at the system conditions for the next stage. A 
material balance on solvent and the oil components yielded the 
overall mixture compositions for the flash calculation for the 
next stage. This procedure was repeated for all the 
extraction stages. A detailed description of this modeling- 





The supercritical fluid extraction (SFE) system was 
designed for the continuous extraction of complex hydrocarbon 
mixtures with solvents such as carbon dioxide and propane. 
Three different feedstocks including a light paraffinic crude 
oil, a bitumen derived-liquid from fluidized-bed pyrolysis, 
and the native Whiterocks bitumen were extracted and upgraded 
in this system.
The crude oil used in the experiments was from the Uinta 
Basin in east-central Utah and was supplied by Del Rio 
Resources, Inc. The carbon number distribution of this crude 
oil was determined by simulated distillation (SIMDIS), and is 
presented in Figure 5.1. The distribution peaks at a carbon 
number of 9. The composition of this crude oil was also 
determined by gas chromatography-mass spectrometry (GC-MS). 
Over 90 compounds were observed in this crude oil. Typical 
compounds identified by GC-MS analysis are listed in Table 
5.1. The crude oil was predominantly paraffinic (6 6%) with 
some naphthene (15%) and aromatic (19%) constituents.
This crude oil was used to streamline the experimental 
procedures and for preliminary extraction studies. The crude
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Figure 5.1




Typical Compounds Observed in Crude Oil and 
Products by GC-MS Analysis
Table 5.1
Paraffins
normal pentane (C5Hi2) 
branched hexane (C6) 
normal hexane (C6H14) 
branched heptane (C7) 
branched octane (C8) 
normal octane (CgHIg) 
branched nonane (C9) 
normal nonane (C9H20) 
n/b C10 alkanes 
n/b Cu alkanes 
n/b C12 alkanes 
n/b CB alkanes 
n/b C,4 alkanes 
n/b CjS alkanes
normal C,6 alkanen/b C17 alkanes
pristane
normal 1^8 alkanephytane
normal C,9 alkanenormal c 20 alkane
normal C21 alkanenormal c22 alkane
normal c23 alkane
normal c 24 alkane
normal C25 alkanenormal C26 alkane
normal C27 alkanenormal C28 alkanenormal C29 alkanenormal <=30 alkanenormal Csi alkanenormal C32 alkanenormal C33 alkanenormal C34 alkanenormal C35 alkanenormal -^36 alkane
n/b : normal- and branched
Naphthenes
methyl cyclopentane (C6) 
ethyl cyclopentane (C7) 
methyl cyclohexane (C?) 
tri-methyl cyclopentane (C8) 












methyl naphthalene (Cu) 
di-methyl naphthalene (C12)
was chosen because it was relatively easy to handle due to its 
high API gravity (43.6°API) and low viscosity (1.7 cps @ 
288 K). A great deal of experimental data was available on 
the phase behavior of hydrocarbon-carbon dioxide systems/83' 
89,91,92) an(j was reasoned that the interpretation of the 
experimental results would be relatively straightforward. 
Subsequent to the crude oil studies, experiments were 
conducted with a bitumen-derived liquid produced from the 
Whiterocks oil sands. These experiments were carried out to 
assess the potential of SFE as an upgrading technique for 
bitumen-derived liquids. The bitumen-derived liquid contains 
olefins and a higher percentage of aromatics than the crude.
Finally, extraction experiments were conducted with the 
Whiterocks bitumen using propane as the solvent. These 
experiments assessed the upgrading potential of the solvent 
extraction process and provided insight to the use of propane 
as an additive in the in-situ recovery of heavy oil from oil 
sand reservoirs. The bitumen used in this series of 
experiments was obtained by conventional Dean-Stark toluene 
extraction of oil sand ore mined from the west flank of the 
Whiterocks deposit. The toluene was carefully separated from 
the bitumen by rotary evaporation at 355 K and 2 0 mm Hg for 5 
hours. This oil sand bitumen had the highest specific gravity 
(0.980), molecular weight (700 g/mol), Conradson carbon 
residue (9.5 wt%) and asphaltene content (5.9 wt%) , and the 
lowest volatility (32.5 wt%) of the three feedstocks.
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Physical and chemical properties of the three feedstocks used 
in this study are tabulated and compared in Table 5.2.
Preliminary Process Test
The SFE system was tested using hexadecane (C^H^) as the 
feedstock. The primary objective of the experiment was to 
ascertain the attainment of thermodynamic equilibrium during 
continuous extraction. This test was also performed to 
determine how various components of the SFE system functioned 
and to establish appropriate experimental procedures. As part 
of this experiment, a study was conducted at 311 K and at two 
pressures: 10.3 MPa and 17.2 Mpa. In all experiments, 77 g 
of hexadecane was initially charged and the extraction process 
was terminated after 125 liters (@ STP) of C02 had vented 
through the separator system.
A total of 19.1 wt% of hexadecane was extracted in five 
extraction windows at 10.3 MPa. Each extraction window 
corresponded to 25 liters (@ STP) of C02 vented through the 
totalizer or about 20 min. of extraction time. At the higher 
pressure of 17.2 MPa, 68.1 wt% of hexadecane was extracted. 
It is observed in Figure 5.2 that a higher extraction yield 
was obtained at the higher pressure, and that the extraction 
yields increased linearly with extraction time (corresponding 
to the cumulative amount of C02 vented through the separator 












[288/288 K] 0.808 0.945 0.980
Gravity, °API 43.6 18.2 12.9
Conradson Carbon
Residue, Wt% 0 . 0 2 3.2 9.5
Pour Point, K 293 277 327
Viscosity, cps 1.70288K 176@294K 870,000@311K
Asphaltenesc), Wt% 0 . 1 3.0 5.9
Maltenes, Wt% 99.9 97.0 94.1
Elemental Analysis®
C, Wt% 86.13 87.13 86.97
H, Wt% 13.68 11.39 11.28
N, Wt% 0.16 1.16 1.35
S, Wt% 0.03 0.32 0.40
H/C Atomic Ratio 1.91 1.57 1.56
MW, g/mol 348 319 700
Ni, ppm - 17 87
V, ppm - <1 . 0 2.9As, ppm 3.5 3.1
Simulated Distillation 
Volatility, Wt% 100.0 76.9 32.5
IBP, K 309 417 520
IBP-477 K, Wt% 35.5 4.5 0 . 0478-616 K, Wt% 37.6 24.4 5.6
617-811 K, Wt% 26.9 48.0 26.9
>811 K, Wt% 0 . 0 23.1 67.5
Bitumen-derived liquid from Whiterocks oil sand 
Whiterocks oil sand deposit 
Pentane insolubles
C,H,N,S analysis normalized to 100%
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Figure 5.2
Effect of Pressure at Constant Temperature of 311 K on the 



















Cumulative Volume of C02 (Liters ,STP)
17.2 MPa) were performed to assess the reproducibility of 
experimental data (Figure 5.3).
Because the overall composition changes continuously 
during a continuous-flow experiment, it must be demonstrated 
that the fluids within the extractor were well mixed and 
existed in equilibrium. Experiments with binary mixtures of 
C02 and hexadecane provided a simple system to test whether 
mixing and sampling procedures are adequate. At 311 K and at 
the two experimental pressures, the hexadecane-C02 system is 
expected to exhibit liquid-liquid (L-L) equilibrium. <14,77’9M00,114) 
According to the phase rule,(99) the phase compositions in the 
two-component, two-phase system are fixed and invariant with 
respect to the overall system composition. As C02 is 
continuously introduced into the extractor, the overall system 
becomes richer in C02. However, the phase compositions do not 
change. This should result in the production of the same 
amount of hexadecane as a function of time as the carbonic 
phase is moved into the separator (Figure 5.2).
Larsen, et al.<115) investigated the phase behavior for the 
C02-hexadecane system when the pressure was changed from 7.7 
to 17.1 MPa at a constant temperature of 3 05 K. At both 10.2 
and 17.1 MPa, liquid-liquid (L-L) equilibrium was observed in 
the binary PVT experiments. The carbonic phase compositions 
are tabulated and compared with the experimental values 
obtained by our SFE system in Table 5.3. It was verified from 




Reproducibility of the Extraction of Hexadecane by 
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Table 5.3






10.3 MPa/ 311 K
98.9 98.8 1 . 1  1 . 2
17.2 MPa/ 311 K
95.9 95.6 4.1 4.4
Adopted values(@10.2 MPa/305 K and 17.1 MPa/305 K) from 
the reference(I26).
Experimental values(@10.3 MPa/311 K and 17.2 MPa/311 K) 
from the SFE.
SFE extraction studies reported here were carried out under 
conditions of thermodynamic equilibrium.
Extraction of Paraffinic Crude Oil bv C0?
Extractions were performed at several temperatures and 
pressures. In all of the experiments, the initial charge was 
81 g of crude oil. After about 175 to 200 1 (@ STP) of C02 
had passed through the separator system (corresponding to 
about 140 to 160 min.), the extraction process was terminated. 
In each extraction sequence, seven to eight extraction window 
samples were collected. Each sample corresponded to an 
extraction window of 25 1 (§ STP) of C02 vented through the 
totalizer or about 20 min. of extraction time. In general, 
the amount of the extracted phase decreased as a function of 
time (corresponding to the extraction window). Compositional 
changes in the extracted phases which occurred during SFE were 
monitored in an attempt to establish the nature of the 
extraction and partitioning process as a function of time. 
Apart from the compositional changes as a function of time, 
the effects of temperature and pressure on the extraction 
process were assessed.
Effect of Pressure
Extraction of complex hydrocarbon mixtures such as crude 
oil by C02 is governed by the density of C02 at the extraction 
conditions.(14’87,88’116) The effect of the solvent (C02) density on 
extraction performafce was studied at four pressures at a
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single temperature. Carbon dioxide densities at various 
experimental conditions are tabulated in Table 5.4. It was 
clear from the results that the density of C02 increases with 
pressure, and decreases with temperature. Extraction results 
for three different pressures are presented in Figure 5.4 
where the cumulative amount (wt%) of oil extracted is plotted 
versus the cumulative volume (1 § STP) of C02 passed through 
the totalizer.
The critical pressure of the C02 is 7.4 MPa. At a sub- 
critical pressure, 5.5 MPa, practically no oil was extracted. 
At 7,6 MPa and 10.3 Mpa, total extraction yields of 24 wt% and 
41 wt%, respectively, were obtained. At 17.2 MPa, 51 wt% of 
the oil was extracted.
The crude oil-C02 systems exhibit L-V, L-L-V or L-L 
equilibrium, depending on the temperature and pressure*83’86-88,98*. 
Orr et al. ^  observed a transition from the L-V to L-L-V 
equilibrium for the Maljamar crude/C02 system when the 
pressure was changed from 5.5 to 8.3 MPa at a constant 
temperature of 305 K. At 10.3 MPa, their system exhibited L-L 
equilibrium. Even though the crude oil used in our study is 
more paraffinic than the one used by Orr et al.,^ it was 
expected that the paraffinic crude would behave similarly as 
the pressure varied at constant temperature. At 5.5 MPa and 
311 K, it was assumed that the system was in L-V equilibrium. 
The vapor carbonic phase had little extractive capacity and as 




Density of Carbon Dioxide** at Experimental Conditions 
Conducted in Extractions
(Unit: g/cm3)
Temperature 297 K 304 K 311 K 339 K 366 K
Pressure 
5.5 MPa — — 0.1348 — —
7.6 MPa - - 0.2550 - -
10.3 MPa 0.8385 0.7664 0.6672 0.2821 0.2099
17.2 MPa - - 0.8254 - 0.4170
24.0 MPa - - 0.8840 _ 0.5798
30.9 MPa - - - - 0.6867
Density of carbon dioxide at 86.9 KPa(12. 6 psia) and 
297 K (75°F) is 0.00165 g/cm3.
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Figure 5.4
Effect of Pressure at Constant Temperature of 311 K on the 
Extraction of Crude Oil by Carbon Dioxide
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Cumulative Volume of C02 (Liters,STP)
(5.5 Mpa). This is consistent with the observation of Orr et 
al.(88) At 7.6, 10.3 and 17.2 Mpa, the system was in L-L 
equilibrium. The amount extracted by the liquid carbonic 
phase increased with an increase in pressure and was related 
to the C02 density increase. The densities of pure C02 at 5.5,
7.6, 10.3 and 17.2 Mpa are 0.1348, 0.2550, 0.6672, and 0.8254 
g/cm3, respectively (Table 5.4).<u7) The rates of extraction 
(the amount extracted per unit volume of C02) were also 
greater at higher pressure.
Effect of Temperature
The process was examined at four different temperatures 
at a pressure of 10.3 MPa. The critical point of C02 is 305 
K. Temperature exerts a significant influence on C02 
densities (Table 5.4)(U7) and is expected to influence the 
extraction process. The effect of temperature on the extrac­
tion performance is presented in Figure 5.5. The experiments 
were conducted at a subcritical temperature (297 K) , at a 
temperature close to the critical point of C02 ( 3 04 K) , and at 
two supercritical temperatures (311 K and 339 K).
The data indicated that in the vicinity of the critical 
point (304 K) of C02, the extraction behavior appeared 
independent of temperature. The extraction performance was 
nearly identical for the three temperatures, 297 K, 304 K, 
and 311 K. Despite a 20% decline in the C02 density as the 
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extraction performance remained identical in this temperature 
range. Orr et al.(88) did not examine the effect of temperature 
separately: as the temperature increased, the C02 density 
decreased. The decreased density reduced the extractive power 
of C02. However, increased temperature enhances the tendency 
of the lighter hydrocarbons to be in the lighter liquid phase. 
The extraction data as a function of temperature showed that 
these aspects were effectively counterbalanced to keep the 
extraction performance unaltered in the vicinity of the 
critical point of C02 . Ely and Baker(W) pointed out that the 
vapor phase partial molar volume and fugacity undergo step 
changes in the vicinity of critical points of the 
constituents. The phase behavior of crude oil-C02 may also be 
related to changes in partial molar volumes and fugacities in 
the vicinity of the critical points of C02, although it is 
difficult to evaluate these properties for mixtures as complex 
as crude oil-C02.
Well above the critical temperature of C02 ( 3 3 9 K), there 
was a significant reduction in the amount of oil extracted. 
The phase behavior at this temperature appeared to shift to 
liquid-vapor (L-V). The reduced extracted amounts are 
consistent with poor vapor-phase extraction performance. It 
can be concluded from this series of experiments that as long 
as the upper phase inside the extractor is liquid-like, the 
extraction is unaffected by temperature variations. As the 
upper phase becomes vapor-like, the extraction performance
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drops significantly. This observation may be explained by the 
sharp decrease in C02 density.
Simulated Distillation Analysis
The compositional variations as a function of extraction 
time, pressure, and temperature were evaluated using a 
simulated distillation (SIMDIS) analysis. The crude oil and 
selected extract samples were analyzed by SIMDIS. Details of 
the apparatus and procedures used in these analyses are 
described in Chapter 3.
The carbon number distributions of the oils collected as 
a function of time (corresponding to the extraction window) 
for the extractions at 10.3 and 17.2 MPa at 311 K are 
presented in Figure 5.6 and 5.7, respectively. It was clearly 
observed from the 17.2 MPa experiment (Figure 5.7) that the 
earlier extracts contain relatively lighter compounds, and 
that the carbon number distribution of the extract has shifted 
toward a heavier carbon number as a function of time. The 
carbon number distributions of the first, middle, and last 
extract samples and of the residual oil obtained at 10.3 MPa 
also exhibited similar trends (Figure 5.6); however, trends 
were not as clear as those observed at 17.2 MPa.
At 127.2 MPa, the oil extracted in the first extraction 
window was relatively richer in lighter components. The 
carbon number distribution of the extracted oil from the 
middle extraction window has shifted toward the heavier carbon
128
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Figure 5 . 6
Simulated Distillation Analysis of the Extracts Collected as 
a Function of Time for the Paraffinic Crude Oil Extraction 
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Simulated Distillation Analysis of the Extracts Collected as 
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numbers. The carbon number distribution for the extracted oil 
collected from the last extraction window had shifted 
significantly toward heavier compounds compared with the 
carbon number distribution of the middle extract. The color 
differences of the extracted samples also provided visual 
evidence of compositional variations as a function of time. 
The colors of the extracts at earlier times were relatively 
darker despite the lighter components extracted during this 
period. This fact may be explained by GC-MS analysis, which 
indicated that the relatively lesser amounts of paraffinic 
compounds and greater amounts of naphthenic and aromatic 
compounds were extracted at earlier extraction times.
The carbon number distributions of the residual oil left 
in the extractor after extraction and the paraffinic crude oil 
used as a feed oil are also presented in Figure 5.7. The 
important observations from these plots were that the 
extracted oil collected in the last extraction window is 
heavier than the feed oil, and that the residual oil contained 
significant amounts of light and medium-heavy fractions in the 
oil. Similar trends were observed by Orr et al.(88) for a 
multiple contact extraction of the Maljamar crude oil by C02. 
Their experiments were slightly different in the sense that 
there was provision for the withdrawal of the lower phase. 
Thus, the overall composition space in which they were 
operating as a function of time differed from our overall 
composition domain.
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Comparison of middle extracts for three pressures, 7.6 
MPa, 10.3 MPa, and 17.2 MPA at 311 K is illustrated in Figure 
5.8. The results revealed that at higher pressures, the 
carbon number distribution had shifted significantly toward 
heavier carbon numbers. These results were also supported by 
the color differences of the extracted samples. At higher 
pressures, the samples were darker, corresponding to the 
heavier compounds extracted. It was clear that at higher 
pressures, much heavier hydrocarbons partitioned into the 
extract phase. This observation is consistent with the trends 
in the extraction amounts as a function of pressure and is 
also consistent with the observation of Orr et al.(88)
The effect of temperature on the composition of the 
extracted oil can be assessed by comparing the carbon number 
distributions of the middle extracts for extractions at 297 K, 
304 K, 311 K, and 339 K (Figure 5.9) . It was observed earlier 
that the extraction amounts were unaltered in the vicinity of 
the critical point of C02 at constant pressure. Even from a 
compositional consideration, there was practically no 
difference in the carbon number distributions of the middle 
extracts at 297 K, 304 K, and 311 K. The explanation given 
earlier for the trends in extraction amounts with temperature 
can also be applied here. The carbon number distribution of 
the middle extract for the extraction at 339 K contained a 
greater amount of lighter compounds than the extracts at the 




Simulated Distillation Analysis of the Middle Extracts 
Extracted for the Paraffinic Crude Oil Extraction 
using Carbon Dioxide at Three Different Pressures 
and a Constant Temperature of 311 K
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Simulated Distillation Analysis of the Middle Extracts 
Extracted for the Paraffinic Crude Oil Extraction 
using Carbon Dioxide at Four Different 
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at 339 K and 10.3 MPa resembles the conventional L-V system 
and the vapor phase extracts relatively lighter compounds from 
the oil. Thus, it can be concluded that at higher 
temperatures, lighter compounds are extracted in smaller 
amounts. The color difference of the extracted oils was also 
consistent with the trends. In the vicinity of the critical 
point of C02, there was practically no difference in the 
colors of the extracts. Above the critical temperature of C02 
(339 K), however, extracted oil exhibited considerably lighter 
color than the others.
GC-MS Analysis
The crude oil and six samples selected from extraction 
experiments at 10.3 MPa/311 K and 17.2 MPA/311 K were analyzed 
by gas chromatography - mass spectrometry (GC-MS). The 
samples included the extracts collected in the first and 
middle extraction windows and the residual fraction. The GC- 
MS analysis was performed on a Hewlett-Packard 5890 gas 
chromatograph attached to an ion trap detector system 
(manufactured by Finnigan Mat, Inc., Model 700). Details of 
the apparatus used in these analyses are described in Chapter 
3.
Over 90 compounds were identified in the feed crude oil 
and some of these compound types are listed in Table 5.1. The 
compounds were identified based on their mass spectra and were 
classified into four groups by chemical type: alkanes
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(normal- and branched-alkanes), naphthenes (alkylcyclo- 
pentanes and alkylcyclohexanes), aromatics (alkylbenzenes and 
alkylnaphthalenes) and unknowns. The chemical type
distribution of each of the samples was obtained by 
quantification of the reconstituted ion chromatogram (RIC) and 
is tabulated in Table 5.5. The calculation procedure adopted 
for quantitative analysis is described in Appendix D.
It is observed that the crude oil used as the feed 
material is predominantly paraffinic (67%) with some 
naphthenic (14%) and aromatic (19%) constituents. The 
chemical type distribution of the sample from the first 
extraction window (1500-First) at 10.3 MPa and 311 K was 
nearly identical to that of the crude oil. As the extraction 
proceeded, relatively greater amounts of paraffinic compounds 
(75%) and lesser amounts of naphthenic (9%) and aromatic (16%) 
compounds were extracted. This is indicated by the chemical 
type distribution of the sample from the middle extraction 
window (1500-Middle). The residual oil in the extractor 
contained 73% paraffins, 8% naphthenes, and 18% aromatics. 
The naphthenic and aromatic constituents of the crude oil are 
concentrated in the lighter constituents. As the extraction 
proceeded, the extracted oil contained lesser quantities of 
lighter compounds, and was enriched in paraffins. This 
observation is also consistent with the colors of the 
extracted samples and the compositional variations revealed by 




Chemical Type Classification of Crude Oil and 
Products by GC-MS Analysis
Paraffinics Naphthenics Aromatics Unknown
Crude Oil 66.6 14.3 18. 6 0.5
1500-First^ 65.6 13 .8 19.7 0.9
1500-Middle 74.7 9.1 15.8 0.4
1500-Resid 73.3 8.1 18.2 0.4
2500-Firstb) 76.1 9.5 13.9 0.5
2500-Middle 77.1 7.6 15.0 0.3
2500-Resid 56.7 31.3 11.6 0.4
First extraction window sample extracted at 10.3 MPa(1500 
psia and 311 K
First extraction window sample extracted at 17.2 MPa(2500 
psia and 311 K
At the higher pressure of 17.2 MPa, samples from both the 
first and middle extraction windows were enriched in paraffins 
(76% and 77%, respectively). The residual oil contained 57% 
paraffins which was significantly less than the original crude 
oil. The data indicate that paraffins were preferentially 
extracted at 17.2 MPa. This may be due to the severity of 
extraction, however, at the present time we do not have a good 
explanation for the phenomenon.
Extraction of Bitumen-Derived Licraid bv -£&
Experiments with a bitumen-derived liquid produced during 
fluidized-bed pyrolysis of the Whiterocks oil sand were 
performed to evaluate the extraction performance with a 
heavier material than the crude oil. Furthermore, the 
chemical nature of the bitumen-derived liquid is significantly 
different from that of the crude oil. The bitumen-derived 
liquid contains olefins and larger percentages of aromatics 
than the crude oil. In general, the extraction yields with 
the bitumen-derived liquid were much lower compared to the 
yields when crude oil was used as the feedstock. Relatively 
lower volatility and the heavier nature of bitumen-derived 
liquid may have contributed to the decreased extraction 
yields.
In all experiments, 94 g of bitumen-derived liquid were 
initially charged into the extractor and the dynamic
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extraction process begun with C02. light extract samples were 
collected in each experiment.
Effect of Pressure
Carbon dioxide experiments were carried out at three 
pressures (10.3 MPA, 17.2 Mpa, and 24.0 MPa) at 311 K. 
Extraction results with the C02 are plotted (Figure 5.11) and 
compared to the results of propane extractions. In all three 
extraction experiments using C02, the cumulative amounts of 
extracted oil increased linearly as a function of extraction 
time. The rates of extraction and the extraction yields were 
also greater at higher pressures. Thus, even with this 
heavier feedstock, the increase in the densities of C02 (Table 
5.4) with increased pressure contributed to greater extraction 
yields.
Simulated Distillation Analysis
The compositional variations as a function of extraction 
time were evaluated using simulated distillation (SIMDIS) 
analysis. The SIMDIS analysis was performed on a Hewlett- 
Packard 5890 (Series II) gas chromatograph. Detailed 
information about the apparatus used in these analyses was 
reported in Chapter 3.
The carbon number distributions of the oils collected as 
a function of extraction time (first, middle, and last 
extracts) for the extraction using carbon dioxide at 17.2 MPA 




Simulated Distillation Analysis of the Extracts Collected as 
a Function of Time for the Bitumen-Derived Liquid Extraction 



















Cumulative Volume(Liters.STP) of C3H8/C02
distribution of the bitumen-derived liquid is also presented 
in Figure 5.10. Compared to the feed oil, extracted oils are 
richer in the lighter components ranging from C10 to C2S. 
Volatilities (100 wt%) of extracted oils were also 
consistently higher than that (77 wt%) of the feed oil. It 
can thus be concluded that the extracted oils are upgraded by 
SFE using C02. It should be emphasized that the extraction 
yields with C02 as the solvent were poor.
The carbon number distributions of the extracted oils for 
the first, middle, and last extracts were practically 
identical. Thus, it was concluded that C02 did not exhibit 
selective extraction when the bitumen-derived liquid was used 
as the feedstock. This is in contrast to the C02 extractions 
of the crude oil where preferential extraction of lighter 
components at early times was observed at all the experimental 
conditions employed. It was presumed that the non- 
discriminatory extraction observed for the bitumen-derived 
liquid is due to its chemical nature. The bitumen-derived 
liquid contains olefins and significant amounts of aromatics 
since it was produced during the thermal pyrolysis of bitumen. 
The chemical-type distribution for the bitumen-derived liquid 
makes it considerably more polar than the crude oil used in 
this study. The bitumen from which the bitumen-derived liquid 
was produced consists mostly of naphthenic compounds with long 
alkyl side chains.(118) It also contains naphthenoaromatic 
compounds. In thermal pyrolysis, the long alkyl side chains
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are cleaved from the parent molecules to produce straight 
chain and/or branched chain olefins.
Extraction of Bitumen-Derived 
Liquid bv Propane
Bitumen-derived liquid extractions were also performed 
with commercial grade propane, which contained 94% propane and 
6% ethane. When propane was used as a solvent, the absolute 
yields were considerably higher than when carbon dioxide was 
the solvent. Propane, being a hydrocarbon, obviously has a 
greater affinity for the hydrocarbon constituents of the 
bitumen-derived liquid.
Effect of Pressure
Extractions were conducted at three pressures (5.5 MPa,
10.3 MPa, and 17.2 MPa) at 311 K. Extraction results are 
plotted and compared with the results of C02 experiments in 
Figure 5.11. In addition to these experiments, propane 
extractions were carried out at three pressures (5.5 MPa, 10.3 
MPa, and 127.2 MPa) and 380 K, which was above the critical 
temperature of propane. The critical pressure and temperature 
of propane are 4.3 MPa and 370 K, respectively. The results 
of the extractions at 380 K are presented in Figure 5.12.
Densities of propane at the different experimental 
conditions employed in this investigation were calculated by 
the Peng-Robinson equation-of-state,(95) and the results are 




Effect of Pressure at Constant Temperature of 311 K on 
the Extraction of Bitumen-Derived Liquid 
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Figure 5.12
Effect of Pressure at Constant Temperature of 380 K on 
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Table 5.6
Density of Propane** at Experimental Conditions 
Conducted in Extractions
(Unit: g/cm3)
Temperature 311 K 339 K 380 K 408 K 422 K
Pressure 
5.5 MPa 0.5082 _ 0.2585 — _
10.3 MPa 0.5287 0.4782 0.3825 0.3053 0.2672
17.2 MPa 0.5503 - 0.4416 - -
Density of propane at 86.9 KPa and 297 K is 
0.00157 g/cm3.
dependent on pressure and temperature, that is, it increases 
with pressure and decreases with temperature. It is interest­
ing to note that at a supercritical temperature (380 K) the 
density change with respect to pressure is more gradual 
compared to the density change with pressure at a subcritical 
temperature (311 K).
In propane experiments, the rates of extraction and the 
extraction yields were greater at higher pressures (Figures 
5.11 and 5.12). The increase in the densities of propane 
(Table 5.6) with increased pressure also contributed to 
greater extraction yields. This reasoning applies only when 
studying the effect of pressure at constant temperature. The 
propane extraction experiment performed at 17.2 MPa and 380 K 
yielded the highest amount (87%) of extracted oil (Figure 
5.12) even though the propane density at 17.2 MPA and 380 K is 
lower than the propane density at 17.2 MPa and 311 K. In this 
case, extraction was not density dependent. As the 
temperature increases the volatility of feed oil increases. 
The combination of solvent density and feed oil volatility may 
have added to the extraction yield at 17.2 MPa and 380 K. The 
trend with respect to the extraction pressure was expected and 
was also observed for both the crude oil and the bitumen- 
derived liquid experiments with C02.
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Effect of Temperature
The effect of temperature on the propane extraction 
experiments is illustrated in Figure 5.13. The experiments 
were performed at a subcritical temperature (311 K) , at a tem­
perature in the vicinity of critical point of propane (380 K) 
and at a temperature well above the critical point (408 K). 
The critical temperature of propane is 370 K. The pressure in 
all these experiments was 10.3 MPa.
At 380 K, 82 wt% of the oil was extracted, the highest 
yield in this set of experiments. At 311 K where propane has 
the highest density, the lowest extraction yield (70%) was 
obtained. Despite decreasing propane density with increase in 
temperature (Table 5.6), the experiment performed in the 
vicinity of its critical point gave the highest extraction 
yield. This may be due to the enhanced extraction performance 
occurring at or near the critical point of the solvent. At a 
temperature (408 K) much higher than the critical point, there 
was a reduction in the amount of extracted oil (75%). 
Decreased propane density may have contributed this decrease 
in the yield. A complex interplay of feedstock volatility 
(which increases with temperature) and extracting power of 





Effect of Temperature at Constant Pressure of 10.3 MPa on 



















The compositional variations during propane extraction 
and the effects of pressure and temperature on compositions of 
the extracts were calculated using SIMDIS. The carbon number 
distribution of the middle extract from the C02 extraction is 
compared with that of the middle extract from the propane 
extraction at 17.2 MPa and 311 K in Figure 5.14. Propane 
extracted much heavier compounds. This is consistent with the 
extraction yield data where propane was seen to extract much 
larger amounts than C02. The carbon number distributions of 
the oils collected as a function of extraction time for 
extractions with propane at 10.3 MPa and 380 K are presented 
in Figure 5.15. The effects of extraction pressures and 
temperatures on the compositions of extracted oils are also 
presented in Figures 5.16 through 5.18.
Extraction results at three pressures, 5.5 MPa, 10.3 MPa 
and 17.2 Mpa, are compared at 311 K (Figure 5.16) and 380 K 
(Figure 5.17). Comparisons of the extracted oils at three 
different temperatures, 311 K, 280 K, and 408 K, are compared 
at 10.3 MPa in Figure 5.18. The middle oil extracts were used 
for comparisons with respect to pressure and temperature. It 
is observed from these figures that the carbon number 
distributions of the extracted oils are identical with respect 
to all the three experimental variables: time, temperature, 
and pressure. Thus it can be concluded that propane does not 




Comparison of the Carbon Number Distributions Generated by 
Simulated Distillation Analysis of the Middle Extracts 
Extracted using Carbon Dioxide and Propane for 
the Bitumen-Derived Liquid Extractions 




















Simulated Distillation Analysis of the Extracts Collected as 
a Function of Time for the Bitumen-Derived Liquid Extraction 
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Simulated Distillation Analysis of the Middle Extracts 
Extracted for the Bitumen-Derived Liquid Extraction 
using Propane at Three Pressures and 
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Simulated Distillation Analysis of the Middle Extracts 
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This provides further evidence that the nondiscriminatory 
extraction of the bitumen-derived liquid is due to its 
chemical nature. Propane and C02 gave different extraction 
yields for the bitumen-derived liquid; however, both the 
solvents failed to discriminate the compounds extracted, at 
least with regard to size.
The lack of compositional discrimination in the extracted 
samples was also supported by their colors: the extracts from 
the bitumen-derived liquid were uniformly dark. In contrast, 
for the paraffinic crude oil extractions, significant color 
differences were observed for the extracted samples, 
corroborating the compositional change of the extracted oil 
with respect to process variables.
Extraction off Bitumen bv CO,
The bitumen used as a feedstock was obtained by 
conventional Dean-Stark extraction of the Whiterocks oil sands 
using toluene. In C02 experiments, 99 g of the bitumen were 
initially charged. Extraction experiments using C02 as a 
solvent were performed at four pressures (10.3 MPa, 17.2 MPa, 
24.0 MPa, and 30.9 MPa) at 366 K. Practically no oil was 
extracted at pressures up to 24.0 MPa. At 30.9 MPa, 2.0 wt% 
of extracted oil was obtained when about 200 liters (§ STP) of 
C02 had passed through the separator system. The extraction 
yields at 30.9 MPa are plotted (Figure 5.19) and compared with 
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was the heaviest of the feedstocks used in this study and 
correspondingly provided the lowest yield of all the 
feedstocks in extractions with C02. This is due to the low 
volatility (32.5 wt%) of the bitumen.
Extraction of Bitumen by Propane
Whiterocks bitumen extraction experiments using propane 
were conducted at several temperatures and pressures to assess 
the effect of these variables on the extraction process. In 
all experiments, the initial charge was 50 g of bitumen.
Effect of Pressure
Three pressures were studied at 380 K. The results are 
presented in Figure 5.19. At 17.2 MPa, the highest extraction 
pressure used in this series of experiments, a total of 48 wt% 
of the oil was extracted. At 5.5 MPa and 10.3 Mpa, 
respectively, 20 and 39 wt% of the oil was extracted. The 
rates of extraction and the extraction yields were also 
greater at higher pressure, as observed in the earlier 
experiments. The increase in the densities of propane (Table 
5.5) with increased pressure also contributed to greater 
extraction yields.
Effect of Temperature
The extraction trends for three temperatures at 10.3 MPa
are shown in Figure 5.20. The experiments were performed at
a subcritical temperature (339 K), at a temperature in the
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Figure 5.20
Effect of Temperature at Constant Pressure of
10.3 MPa on the Extraction of Whiterocks 
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vicinity of critical point of propane (380 K) , and at a 
temperature well above the critical point (422 K) . Extraction 
results indicated that in the vicinity of the critical point 
(380 K) of propane, the extraction yield (39.3 wt%) was nearly 
identical to that (40.4 wt%) at a subcritical temperature, 
339 K. Despite a 20% propane density decline as the 
temperature increases from 339 K to 380 K (Table 5.6), the 
extraction performance remained identical in this temperature 
range. This may also be due to the enhanced extraction 
performance occurring at or near the critical point of the 
solvent as observed in the earlier experiments. However, 
there was a significant difference between the two 
temperatures with respect to the rate of extraction (the 
amount extracted per unit volume of propane flowed through the 
extractor-separator system). At 380 K, more oil was extracted 
at earlier extraction times. Even though this observation has 
not been explained, it was confirmed to be experimentally 
reproducible. Well above the critical temperature of carbon 
dioxide (422 K) , there was a significant reduction (24 wt%) in 
the amount of oil extracted. This fact may be explained by 
the sharp decrease in propane density (Table 5.6).
The overall extraction performance of a solvent is 
governed by a complex interplay between extraction efficiency 
and feedstock volatility.(14’74_77) The extraction efficiency and 
the extractive power of the solvent are usually linked to the 
solvent density which increases with pressure (Table 5.6).
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The density of the propane decreases with an increase in 
temperature. The volatility of the feedstock, on the other 
hand, increases with temperature. The results of the bitumen 
extraction with propane, particularly in the vicinity of the 
critical temperature of propane, may be governed by these 
opposing factors.
Asphaltene Analysis
Asphaltenes are a complex high molecular weight mixture 
of materials varying in polarity, which are comprised of 
highly condensed aromatic ring systems with high nitrogen, 
sulfur, oxygen, and metal contents.(97) Petroleum asphaltenes 
are functionally defined as the pentane- or heptane-insoluble 
fraction of crude oil.(12) Asphaltenes have been an important 
area of study in both the production and processing of 
petroleum. In petroleum-reservoirs, asphaltene precipitation 
has been a serious problem because it results in formation 
damage during production operations.(119) Investigations of 
asphaltene precipitation have been performed by several 
researchers in spite of a shortage of experimental data and 
information on the precipitation mechanisms.(7,58,59,119) It was 
suspected that the extraction of lighter components may have 
an effect on the asphaltene content of residual fractions. 
Attention was focused on the extraction of bitumen by propane 
and the asphaltene contents of the residual oils obtained
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under different extraction conditions in relation to the 
asphaltene content of the feedstock was examined,
Asphaltene contents of the residual fractions produced 
during the propane extraction of the bitumen were measured by 
an analytical method developed by AOSTRA.^ Two grains of 
residual oil sample were dissolved in an equal volume of 
toluene. Forty volumes of n-pentane are added for each volume 
of toluene. According to the AOSTRA method, benzene should be 
used as the diluent. However, because of the carcinogenic 
nature of benzene, toluene was used in this study. The 
resulting precipitate was collected by filtration and weighed. 
The dried precipitate was defined as asphaltenes (pentane- 
insolubles). The asphaltene contents in the residual oils are 
tabulated in Tables 5.7 and 5.8.
Elemental analyses (C,H,N,S) of these samples were 
carried out, and the results are also presented in Tables 5.7 
and 5.8. The asphaltene content of the residual oils 
increased with pressure. Increased asphaltene concentrations 
were also observed when the extraction was performed in the 
vicinity of the propane critical point (380 K) . It should be 
noted that the asphaltene content of the bitumen is 5.9 wt%. 
These experiments establish the fact that asphaltenes, as 
defined in this study (pentane insolubles), are not a definite 
compound class but are a fraction of compounds that are 
specific to a given mixture. Lighter compounds in these 




The Quality of Bitumen and the Resids Left in Native 
Bitumen-Propane Extractions at Three Pressures 
(@380 K) and Feedstock Bitumen
Extraction 
Pressure (MPa) 5.5 10.3 17.2 Bitumen**
Product Yieldf%)
Extract Phase 20 39 48 -
Residual Phase 79 58 50 -
Asohaltene/Malteneb)
Asphaltenes,Wt% 14.0 15.0 20.2 5.9
Maltenes,Wt% 86.0 85.0 79.8 94.1
Elemental Analvsisc)
C, Wt% 86.78 86.69 86.80 86.97
H, Wt% 10.97 10.80 10.58 11.28
N, Wt% 1.78 2.02 2.12 1.35
S, Wt% 0.47 0.49 0.50 0.40
H/C Atomic Ratio 1.52 1.49 1.46 1.56
From Whiterocks Utah oil sand deposits
As determined with pentane
C,H,N,S analysis normalized to 100%
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Table 5.8
The Quality of the Resids Left in Native Bitumen- 
Propane Extractions at Three Different 
Temperatures (@10.3 MPa) and 
Feedstock Bitumen
Extraction 
Temperature (K) 339 380 422 Bitumen**
Product Yieldf%)
Extract Phase 40 39 24 -
Residual Phase 59 58 73 -
Asoha 1 tene /Ma 1 teneb)
Asphaltenes,Wt% 12.5 15.0 9.8 5.9
Maltenes,Wt% 87.5 85.0 90.2 94 .1
Elemental Analvsisc)
c, wt% 86.74 86.69 86.66 86.97
H, Wt% 10.81 10.80 11.08 11.28
N, Wt% 1.95 2.02 1.79 1.35
S, Wt% 0.50 0.49 0.47 0.40
H/C Atomic Ratio 1.50 1.49 1.53 1.56
From Whiterocks Utah oil sand deposits
As determined with pentane
C,H,N,S analysis normalized to 100%
a pentane insolubles test is performed on the mixture. During 
the extraction process, these lighter compounds are stripped 
from the original mixture, thus decreasing the tendency of the 
heavier molecules to be in solution. As a result of this, the 
pentane insoluble fraction increases in the residual oils. It 
is apparent from this reasoning that the better the extraction 
performance, the higher would be the "asphaltene" content of 
the residual oil. This is exactly what was observed in these 
studies: at 380 K, the extraction yields increased with 
pressure and the highest yield was obtained at 17.2 MPa. 
Correspondingly, the asphaltene content of the residual 
reaction was highest at 17.2 MPa and 380 K (Table 5.7). At
10.3 MPa, the extraction was most efficient at 3 39 and 380 K. 
The asphaltene contents of residual oils at these two 
temperatures were also higher than at 422 K (Table 5.8).
Simulated Distillation Analysis
The compositional variations during the propane-bitumen 
extraction and the effects of pressure and temperature on 
compositions of the extracts were calculated using the SIMDIS. 
The carbon number distributions of the first, middle, and last 
extracts for the extraction at 10.3 MPA and 380 K are compared 
in Figure 5.21. The carbon number distribution of the 
extracted oil had shifted toward heavier compounds as the time 
of extraction increased. This is analogous to the carbon 
number distribution shifts observed for the crude oil extracts 




Simulated Distillation Analysis of the Extracts Collected 
as a Function of Time for the Whiterocks Bitumen 
Extraction using Propane at 10.3 MPa and 380 K
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native bitumen is also shown, for comparison, with those of 
the extracted oils in Figure 5.21. It is clear from the plots 
that upgraded oils with volatilities of 95 wt% were obtained 
by SFE of bitumen.
Comparison of middle extracts produced at three different 
pressures, 5.5 MPa, 10,3 MPa, and 17.2 MPa at 380 K revealed 
that at higher pressure, the carbon number distribution had 
shifted toward heavier carbon numbers. These results are also 
plotted in Figure 5.22. Color differences between extracted 
samples provided visual evidence of compositional variations 
as the process variables were changed; the samples were 
darker, corresponding to heavier compounds extracted. 
However, there was practically no compositional variation as 
a function of temperature as observed in the plots of the 
compositions of the middle extracts at 3 39, 380, and 422 K in 
Figure 5.23. It can, therefore, be concluded that density is 
not the only parameter that governs extraction. This 
nondiscriminatory extraction performance for the bitumen at 
different temperatures may also be due to its chemical nature: 
it contains mostly naphthenic compounds with long alkyl side 
chains and some naphthenoaromatic compounds. This is 
consistent with the results of bitumen-derived liquid 
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Simulated Distillation Analysis of the Middle Extracts 
Extracted for the Whiterocks Native Bitumen Extraction 
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Reproducibility of Extraction Experiments
A series of four experiments with three different 
feedstocks was performed at identical conditions to assess the 
reproducibility and variability of the data and consistency of 
the experimental procedure. The results are plotted in 
Figures 5.24 through 5.27. It is clear from these plots that 
the experiments were reproducible.
As described in the material balance calculation 
(Appendix C), the observed experimental variations (within 2%) 
were mostly caused by losses in recovering and handling small 
amounts (about 1 to 4 g) of product samples. Approximately 
99% total mass recovery was obtained in the experiments with 
the heavy feedstocks such as the bitumen-derived liquid and 
bitumen. However, a mass recovery of 96% was observed for the 
crude oil-C02 experiment. This indicates that improved 
operating procedures and material balance practices are 
required for light feedstock extraction. An improved gas 
recovery system must be developed to trap light hydrocarbons 
(C4-C7) present in the solvent gas streams vented in the 
separation step.
Modeling Results and Comparisons 
Hexadecane Extraction by CO,
Phase behavior calculations using the Peng-Robinson 
equation-of-state(95) were performed for the binary system 
carbon dioxide (C02) and hexadecane (C16H34) . The calculations
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Figure 5.24
Reproducibility of the Extraction of Crude Oil 
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Figure 5.25
Reproducibility of the Extraction of Bitumen-Derived Liquid 
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Figure 5.26
Reproducibility of the Extraction of Bitumen-Derived Liquid 
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Reproducibility of the Extraction of Whiterocks 
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were carried out to verify the compositional information and 
to assess the attainment of thermodynamic equilibrium under 
the extraction conditions. The carbonic phase compositions 
for the extraction at 10.3 MPa and 311 K were calculated and 
are compared with the experimental results in Table 5.9. The 
agreement between the experimental and calculated values was 
satisfactory.
At 311 K and 10.3 MPa, the hexadecane-C02 system is 
expected to exhibit liquid-liquid (L-L) equilibrium*14,77’98,100,114* as 
is seen from the earlier experiment results, indicating the 
production of the same amount of hexadecane as a function of 
time. According to the phase rule,*99* the phase compositions 
in the binary system are invariant with respect to the overall 
system composition. The constancy of the phase compositions 
predicted by the phase equilibrium calculations (Table 5.9) is 
consistent with this fact. It can, therefore, be concluded 
that the extraction process was being performed under 
conditions of thermodynamic equilibrium.
Crude Oil Extraction with CO,
The carbonic phase compositions for the crude oil 
extraction at 10.3 MPa and 311 K, which were predicted using 
the flash equilibrium calculation described in Chapter 4 are 
listed in Table 5.10. These predicted carbonic phase 
compositions continuously changed as a function of extraction 




Comparison of the Hexadeeane-Carbon Dioxide Extraction^ 
Experimental Carbonic Phase Compositions 












1 25 98.8 98.5 1.3 1.5
2 50 98.6 98.5 1.4 1.5
3 75 98.5 98.5 1 . 1.5
4 100 98.6 98.5 1.4 1.5
5 125 98.6 98.5 1.4 1.5
a) Extraction performed at 10.3 MPa and 311 K
Exptb) experimental data




Carbonic Phase Compositions Predicted by Phase Behavior 
Calculation Using the Peng-Robinson Equation of State 
for Crude Oil-Carbon Dioxide Extraction
(Unit: Mol%)
















25 96.05 2.35 0.28 0.23 0.17 0.52 0.40
50 96.48 2.03 0.25 0.21 0.15 0.49 0.39
75 96.85 1.74 0.23 0.19 0.14 0.47 0.38
100 97.17 1.51 0.21 0.17 0.13 0.44 0.37
125 97.39 1.34 0.20 0.16 0.12 0.43 0.36
150 97.61 1.18 0.18 0.15 0.12 0.41 0.35
175 97.74 1.09 0.17 0.14 0.11 0.40 0.35
FI Oil: Cs-Cj0 fraction of extracted oil
F2 Oil: Cn fraction of extracted oil
F3 Oil: C12 fraction of extracted oil
F4 Oil: C13 fraction of extracted oil
F5 Oil: C14-C17 fraction of extracted oil
F6 Oil: Clg-C40 fraction of extracted oil
through the separator system). The carbonic phase 
compositions for the oils extracted in the first, fourth, and 
last extraction windows are compared to the experimental 
values in Table 5.11. The composition of the residual oil is 
also compared to the experimental results in Table 5.11. The 
agreement between the experimental and calculated values is 
reasonable, considering the uncertainties involved in modeling 
such a complex process. These uncertainties include: 1) the 
lumping procedure; 2) calculation of pseudo-critical 
properties; 3) interaction parameters; 4) calculation of 
phase densities; and 5) time interval over which the flash 
calculations ought to be performed for accurate representation 
of the process.
In fact, when investigating the phase-behavior 
calculations for 17.2 MPa, it was discovered that the model 
predicted a phase-flip for a certain set of overall 
compositions. Because the phase-flip was not observed 
experimentally, this modeling phenomenon can be attributed to 
errors in density calculations. One of the solutions might be 
to use the volume translation concept to correct phase 
densities.c98,110,120) This and the rest of the modeling 
uncertainties addressed in this study would be overcome and 
explained by a more comprehensive modeling study (i.e., other 




Comparison of the Experimental Carbonic Phase and Residual 
Oil Compositions with the Phase Behavior Calculations 
for Crude Oil-Carbon Dioxide Extraction
(Unit: Mol%>
















o o N3 95.7 96.1 97.6 97.2 98.8 97.7 - -
FI Oil 1.9 2.4 0.8 1.5 0.4 1.1 33.3 27.8
F2 Oil 0.3 0.3 0.2 0.2 0.1 0.2 5.6 5.8
F3 Oil 0.3 0.2 0.2 0.2 0.1 0.1 4.7 5.1
F4 Oil 0.2 0.2 0.2 0.1 0.1 0.1 4.3 4.6
F5 Oil 0.9 0.5 0.6 0.4 0.4 0.4 17.5 22.2
F6 Oil 0.7 0.4 0.4 0.4 0.2 0.4 34.7 34.6
E* experimental data
Cb data predicted from phase behavior calculation by 
Peng-Robinson equation of state
FI Oil: C3-C10 fraction of extracted oil
F2 Oil: Cn fraction of extracted oil
F3 Oil: Cj2 fraction of extracted oil
F4 Oil: C13 fraction of extracted oil
F5 Oil: C14-Cn fraction of extracted oil
F6 Oil: C18-C40 fraction of extracted oil
Bitumen-Derived Liquid Extraction by Propane
The extracted phase compositions for bitumen-derived 
liquid extraction with propane at 10.3 MPa and 380 K were 
calculated and are listed in Table 5.12. The predicted 
extract phase compositions continuously changed as a function 
of extraction time as observed in the earlier crude oil 
experiment calculations. The calculated values of the extract 
phase compositions are also compared to the experimental 
values generated by SIMDIS analysis in Table 5.13.
The calculated values (Table 5.12) indicate that at 
earlier extraction times, corresponding to 50 liters (§ STP) 
of propane, most of the relatively light fractions (FI and F2 
oils) were extracted, and the heavier fractions (F3 and F4 
oils) remained until the end of extraction time. In Table 
5.13, however, the experimental values generated by SIMDIS 
analysis do not exhibit any difference in the time-dependent 
compositional ratio of four pseudo-component fractions 
extracted during the process. These results led to poor 
agreement between the experimental data and the calculated 
value as presented in Table 5.13.
The polar nature of the bitumen-derived bitumen is a 
possible explanation for the difference between experimental 
values and modeling computations. The Peng-Robinson equation- 
of-state model used in this work has been developed for 
complex hydrocarbon mixtures of nonpolar and slightly polar 




Extracted Phase Compositions Predicted by Phase Behavior 
Calculation10 for Bitumen-Derived Liquid Extraction 













25 94.34 2.44 2.43 0.72 0.07
50 98.47 0.22 0.93 0.40 0.03
75 99.66 0.00 0.00 0.32 0.02
100 99.69 0.00 0.00 0.28 0.03
125 99.71 0.00 0.00 0.26 0.03
a) Flash calculation using Peng-Robinson EOS
FI Oil: extracted oil fraction(b.p. range: 417 - 477 K)
F2 Oil: extracted oil fraction(b.p. range: 478 - 616 K)
F3 Oil: extracted oil fraction(b.p. range: 617 - 811 K)
F4 Oil: extracted oil fraction(b.p. range: > 811 K)
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Table 5.13
Comparison of the Experimental Extracted Phase Compositions 




















C3Hg 82.7 90.2 94.3 95.1 99.6 97.7 99.7
FI Oil 3.3 1.1 2.5 0. 5 0.0 0.2 0.0
F2 Oil 5.2 3.7 2.4 1.9 0.0 0.9 0.0
F3 Oil 7.1 4.7 0.7 2.4 0.3 1.1 0.2
F4 Oil 1.7 0.3 0.1 0.1 0.1 0.1 0.1
E* experimental data
Cb data predicted from phase behavior calculation by 
Peng-Robinson equation of state
FI Oil: extracted oil fraction(b.p. range: 417 - 477 K)
F2 Oil: extracted oil fraction(b.p. range: 478 - 616 K)
F3 Oil: extracted oil fraction(b.p. range: 617 - 811 K)
F4 Oil: extracted oil fraction(b.p. range; > 811 K)
nature of the feed oil may have limited the applicability of 
the Peng-Robinson equation-of-state to this system. This fact 
is also consistent with the SIMDIS analyses results, 
indicating the nondiscriminatory extraction of the bitumen- 
derived liquid due to its chemical nature. In addition, a 
comprehensive component lumping scheme of the feed oil may 
give more accurate representation of the process.
Bitumen Extraction bv Propane
The extract phase compositions for bitumen extraction 
with propane at 10.3 MPa and 380 K were also calculated and 
are listed in Table 5.14. The predicted carbonic phase 
compositions continuously changed as a function of extraction 
time as observed in the earlier crude oil and bitumen-derived 
liquid calculations. The calculated values of the extract 
phase compositions are compared to the experimental values 
generated by SIMDIS analysis in Table 5.15.
The extraction performance predicted by this model was 
limited to the light fractions (FI to F3 oils) from bitumen 
(Table 5.15). This extraction behavior was verified by the 
experimental data generated by the SIMDIS analysis presented 
in Table 5.15. The agreement between the experimental and 
calculated values is satisfactory. Thus, it can be concluded 
that the equation-of-state model utilized in this work 
correctly predicted the extraction process even for the 
complex and heavy hydrocarbon system. With regard to the 




Extracted Phase Compositions Predicted by Phase Behavior 
Calculation** for Whiterocks Bitumen Extraction
(Unit: Mol%)
with Propane at 10.3 MPa and 380 K
Cumulative
C3H8 c3h8 FI F2 F3 F4 F5
(Liters,STP) Oil Oil Oil Oil Oil
25 98.41 1.19 0.27 0.12 0.01 0.00
50 98.71 0.92 0.25 0.11 0.01 0.00
75 99.06 0.61 0.22 0.10 0,01 0.00
100 99.34 0.37 0.19 0.09 0.01 0.00
125 99.51 0.22 0.17 0.09 0.01 0.00
150 99.63 0.13 0.15 0.08 0.01 0.00
175 99.70 0.08 0.13 0.08 0.01 0.00
Flash calculation using Peng-Robinson EOS
FI Oil: extracted oil fraction(b.p. range: 520 - 689 K)F2 Oil: extracted oil fraction(b.p. range: 690 - 786 K)F3 Oil: extracted oil fraction(b.p. range: 787 - 857 K)F4 Oil: extracted oil fraction(b.p. range: 858 - 931 K)F5 Oil: extracted oil fraction(b.p. range: > 931 K)
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Table 5.15
Comparison of the Experimental Extracted Phase Compositions 
with the Phase Behavior Calculations for Whiterocks 
Bitumen-Propane Extraction at 10.3 MPa and 380 K
(Unit: Moli)
Initial First Middle Last
Overall Extraction Extraction Extraction
Compositions Window Window Window
E* / Cb 1* / Cb E* / Cb
c3h8 95.0 98.9 98.4 99.2 99.3 99.6 99.7
FI Oil 1.6 0.6 1.2 0.4 0.4 0.1 0.1
F2 Oil 1.1 0.4 0.3 0.3 0.2 0.2 0.1
F3 Oil 0.9 0.1 0.1 0.1 0.1 0.1 0.1
F4 Oil 0.8 0.0 0.0 0.0 0.0 0.0 0.0
F5 Oil 0.6 0.0 0.0 0.0 0.0 0.0 0.0
E* experimental data
Cb data predicted from phase behavior calculation by 






extracted oil fraction(b.p. range:
extracted oil fraction(b.p. range:
extracted oil fraction(b.p. range:
extracted oil fraction(b.p. range:
extracted oil fraction(b.p. range:
520 - 689 K) 
690 - 786 K) 
787 - 857 K) 
858 - 931 K) 
> 931 K)
(32.5 wt%) for the purpose of the phase equilibrium 
calculation, however, a more comprehensive study involving a 
continuous-lumping method(l03,106,U7) must be considered in the 
future for a better representation of the bitumen.
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CHAPTER 6
CONCLUSIONS AND FUTURE WORK 
Conclusions
In this investigation, a novel dynamic supercritical 
fluid extraction (SFE) system was successfully used to study 
the extraction of complex hydrocarbon mixtures. Three 
different feedstocks including a paraffinic crude oil, a 
bitumen-derived liquid and the Whiterocks bitumen were 
processed with carbon dioxide and propane solvents. In 
particular, the results from the bitumen extraction using 
propane indicated the upgrading potential of the solvent 
extraction process and provided insight to the use of propane 
as an additive in the in-situ recovery of heavy oil from oil 
sand bitumen.
The following conclusions were drawn from the experiments 
performed in this study, independent of the solvent and 
feedstock used:
• Extraction results in the SFE system were reproducible to 
within 2% experimental variability. Total mass recovery in 
excess of 95% was obtained in all the experiments.
• The SFE unit operated at thermodynamic equilibrium. This 
was confirmed by C02 extraction of hexadecane.
• The extraction performance was solvent density dependent. 
The solvent density increased with pressure at constant 
temperature. As the pressure increased, the extraction yields 
increased. The rates of extraction were also higher at higher 
pressure.
• The extractions were most efficient in the vicinity of 
the critical temperatures of the solvents. In the vicinity of 
the critical point of C02 and propane the solvent density was 
not the only parameter that governed extraction. Despite 
decreasing solvent density with increase in temperature, 
enhanced extraction performance occurred at or near the 
critical point of the solvent.
• The absolute extraction yields were lower for the heavier 
materials. This basically illustrated the fact that lighter 
materials partition more easily into the extract phases when 
C02 and propane were used as solvents.
• When propane was used as the solvent, the absolute 
extraction yields were significantly higher than when C02 was 
the solvent. Propane, as expected, had a higher affinity for 
hydrocarbons.
• The compositional changes occurring during a dynamic SFE 
established the nature of the extraction and partitioning 
process as a function of the process variables. The earlier 
extracts contained lighter compounds. Heavier compounds were 
extracted at increased pressure at a constant temperature. 
Color differences between extracted samples also provided
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visual evidence of compositional variations as the process 
variables were changed. These compositional changes were not 
observed for the bitumen-derived liquid extractions.
• The continuously changing compositions in the extract 
phases were predicted using the Peng-Robinson equation-of- 
state and a component lumping procedure for selected samples. 
The agreement between the experimental data (SIMDIS) and the 
calculated values was reasonable considering the uncertainties 
in modeling.
Crude Oil Extraction Experiments with C02:
• In the vicinity of the critical point of C02 (297 K, 
304 K, and 311 K), the extraction yields appeared to be 
independent of the temperature at constant pressure(10.3 MPa) . 
Despite a solvent density decline of 20% from 297 K to 311 K, 
identical extraction yields achieved in this temperature range 
can be attributed to the near-critical phenomena. However, 
well above the critical temperature (339 K), the extraction 
yields decreased significantly due to the sharp decrease in 
the density of C02 with temperature increase. The phase 
behavior at this temperature (339 K) also exhibited a 
transition from the L-L to the L-V equilibrium resulting in 
poor vapor-phase extraction performance.
• As the extraction proceeded, relatively greater amounts 
of paraffinic compounds and lesser amounts of naphthenic and 
aromatic compounds were extracted.
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Bitumen-Derived Liquid Extraction Experiments with C02 
and Propane:
• Although greater extract yields were obtained at higher 
pressures and the extractions were most efficient in the 
vicinity of the critical points, no selective extraction with 
respect to time, pressure and temperature was observed. This 
was attributed to the presence of olefins and aromatics in the 
bitumen-derived liquid.
Bitumen Extraction Experiments with Propane:
• Despite a propane density decline (20%) as the 
temperature increased from 339 K to 380 K, the total 
extraction yields were almost identical in this temperature 
range. However, there was a significant difference in the 
rates of extraction. At 380 K, more oil was extracted at the 
earlier extraction times.
• The residual fractions left in the extractor contained 
more asphaltenes (pentane-insolubles) than the original 
feedstock. As the extraction pressure increased the 
asphaltene content of the residual fraction increased. 
Increased asphaltene concentration in the residual fraction 
was also observed when the extraction was performed in the 
vicinity of the critical temperature of propane (380 K). It 
can therefore be concluded that the better the extraction 
performance, the higher would be the "asphaltene" content of 
residual fraction. This leads us to conclude that as more of 
the lighter cosolublizing compounds are extracted, more
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compounds in the original mixture enter the pentane-insoluble 
compound class. This adds to the asphaltene content of the 
residual fractions.
Future Work
The following areas of study are recommended for the 
future:
• The SFE system was successfully used for the extractions 
of a paraffinic crude oil, a bitumen-derived liquid and the 
bitumen from the Whiterocks deposit of Utah. Further 
investigations are recommended for other feedstocks including 
other Utah oil sand deposits, oil shale, and organic waste 
material.
• It is recommended that the effect of solvent type on the 
product yield and quality be investigated. In addition to C02 
and propane tested in this study, a number of the solvents 
such as methane, butane, pentane, toluene, methylene chloride, 
and super-heated water should be studied.
• A better understanding of the phase behavior in the 
vicinity of the critical point of the solvent should be 
developed. This will involve a rigorous examination of 
relevant thermodynamic properties in the vicinity of the 
critical point.
• Experiments at different flow rates of solvent are 
recommended for the assessment of the phase-equilibrium in the 
extraction-time interval.
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• With the proposed extraction-time interval of 20 min at 
a constant flow-rate of solvent, liquid extract samples were 
collected via sampling valve at the bottom of separator 
vessel. However, an on-line (continuous) product collecting 
system is recommended to determine the dynamic nature of the 
extraction process.
• A preliminary model using a simple component lumping 
scheme and a cubic equation-of-state was developed in this 
study. A more comprehensive modeling study involving other 
lumping methods and continuous thermodynamics is recommended.
• Capabilities of measuring the amount of solvent initially 
charged to the extractor as well as the density of the 
extracted phase being transferred from extractor to separator 
system are required to obtain more accurate modeling data.
• The exit gas stream leaving the separator system contains 
light hydrocarbon gases (C4 to c7) during light feedstock 
(i.e., paraffinic crude oil) experiments. These hydrocarbon 
gases in the exit gas stream should be trapped via improved 




SUPERCRITICAL FLUID EXTRACTION REPRODUCIBILITY DATA
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Table A.1
Reproducibility of the Extraction of 
Hexadecane by Carbon Dioxide10
Extraction Cumulative Cumulative Wt% Extracted
Window Volume of C02 at 311 K and 17.2 MPa
Number (Liters, STP) Experiment
I II
1 25 12.5 11. 3
2 50 26.5 26.6
3 75 40.2 41.3
4 100 54. 3 55.7
5 125 68.1 68.9
a) 77 g of hexadecane charged
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Table A.2
Reproducibility of the Extraction of 
Crude Oil by Carbon Dioxide1*
Extraction Cumulative Cumulative Wt% Extracted at 311 K
Window Volume of C02
Number (Liters, STP) 10.3 MPa 17.2 MPa
Experiment Experiment
I II I II
1 25 10.4 9.7 12.9 10.2
2 50 20.4 18.1 22.6 21.2
3 75 26.9 25.3 32.1 30.7
4 100 32.3 30.7 37.8 37.8
5 125 36.6 35.4 43.1 43.2
6 150 39.5 38.7 47.0 47.8
7 175 42.0 41.1 50.7 50.9
81 g of crude oil charged
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Table A.3






Volume of G02 
(Liters, STP)
Cumulative Wt% Extracted 
at 17.2 MPa and 311 K 
Experiment 
I II
1 25 1.3 1.7
2 50 3.2 3.3
3 75 4.7 5.0
4 100 6.4 6.6
5 125 7.9 8.3
6 150 9.3 9.7
7 175 10.7 10.9
8 200 11.9 11.4
94 g of bitumen-derived liquid charged
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Table A.4
Reproducibility of the Extraction of Bitumen-Derived Liquid
by Propane**
Extraction Cumulative Cumulative Wt% Extracted
Window Volume of C3H8 at 10.3 MPa and 380 K
Number (Liters, STP) Experiment
I II
1 25 28.2 29.2
2 50 51.8 52.4
3 75 66.9 66.4
4 100 75.5 74.2
5 125 82.2 80.6
94 g of bitumen-derived liquid charged
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Table A.5
Reproducibility of the Extraction of Whiterocks 
Oil Sand Bitumen by Propane
Extraction Cumulative Cumulative Wt% Extracted
Window Volume of C3H8 at 10.3 MPa and 339 K
Number (Liters, STP) Experiment
I II
1 25 2.6 3.0
2 50 8.7 10.6
3 75 19.6 20.0
4 100 27.9 26.8
5 125 33.3 31.7
6 150 37.4 36.1
7 175 40.4 39.4
50 g of Whiterocks oil sand bitumen charged
APPENDIX B 
SUPERCRITICAL FLUID EXTRACTION DATA
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Table B.l
Effect of Pressure of the Extraction of 









Extracted at 311 K 
17.2 MPa
1 25 3.5 12.5
2 50 7.3 26.5
3 75 11.4 40.2
4 100 15.2 54.3
5 125 19.1 68.1
77 g of hexadecane charged
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Table B.2
Effect of Pressure on the Extraction of 









Wt% Extracted at 311 K 
10.3 MPa 17.2 MPa
1 25 5.7 9.7 12.9
2 50 11.2 18.1 22.6
3 75 15.1 25.3 32.1
4 100 18.2 30.7 37.8
5 125 21.1 35.4 43.1
6 150 22.9 38.7 47.0
7 175 24.4 41.1 50.7
81 g of crude oil charged
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Table B.3
Effect of Temperature on the Extraction of 





Volume of C02 






311 K 339 K
1 25 10.7 9.8 9.7 3.8
2 50 18.3 18.1 18.1 6.2
3 75 24.9 23.8 25.3 7.4
4 100 30.3 29.0 30.7 8.3
5 125 34.1 32.7 35.4 8.8
6 150 37.5 36.1 38.7 9.3
7 175 40.1 39.3 41.1 9.5
81 g of crude oil charged
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Table B.4
Effect of Pressure on the Extraction of Bitumen-Derived











at 311 K 
24.0 MPa
1 25 1.1 1.3 2.0
2 50 2.2 3.2 4.4
3 75 3.3 4.7 6.9
4 100 4.2 6.4 9.1
5 125 5.3 7.9 11.3
6 150 6.3 9.3 13.1
7 175 7.2 10.7 14.6
8 200 8.0 11.9 16.0
94 g of bitumen-derived liquid charged
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Table B.5
Effect of Pressure on the Extraction of Bitumen-Derived 











at 311 K 
17.2 MPa
1 25 26.4 28.1 31.5
2 50 42.0 45.4 51.6
3 75 53.3 56.9 63.6
4 100 61.7 64.6 72.6
5 125 68.2 70.1 79.3
94 g of bitumen-derived liquid charged
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Table B.6
Effect of Pressure on the Extraction of Bitumen-Derived 











at 380 K 
17.2 MPa
1 25 27.6 28.2 30.1
2 50 48.1 51.8 55.0
3 75 57.4 66.9 70.2
4 100 64.7 75.5 80.4
5 125 69.4 82.2 86.5
94 g of bitumen-derived liquid charged
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Table B.7














1 25 28.1 28.2 26.4
2 50 45.4 51.8 49.4
3 75 56.9 66.9 60.5
4 100 64.6 75.5 68.7
5 125 70.1 82.2 75.0
94 g of bitumen-derived liquid charged
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Table B.8
Effect of Pressure on the Extraction of Whiterocks Oil Sand



















1 25 - - - 0.2
2 50 - - - 0.5
3 75 - - - 0.8
4 100 - - - 1.1
5 125 - - - 1.3
6 150 - - - 1.6
7 175 - - - 1.8
8 200 - - _ 2.0
99 g of Whiterocks oil sand bitumen charged
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Table B.9







Volume of CjH8 
(Liters, STP)
Cumulative Wt% Extracted 
5.5 MPa 10.3 MPa
at 380 K 
17.2 MPa
1 25 3.8 7.1 4.1
2 50 8.3 15.7 14.4
3 75 11.8 23.1 25.3
4 100 14.4 29.0 35.1
5 125 16.7 33.6 40.7
6 150 18.6 36.8 45.0
7 175 20.2 39.3 47.5
50 g of Whiterocks oil sand bitumen charged
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Table B.10
Effect of Temperature on the Extraction of Whiterocks Oil
Sand Bitumen by Propane**
Extraction Cumulative Cumulative Wt% Extracted
Window Volume of C3H8 at 10.3 MPa
Number (Liters, STP) 339 K 380 K 422 K
1 25 2.6 7.1 5.8
2 50 8.7 15.7 10.4
3 75 19.6 23.1 14.0
4 100 27.9 29.0 17.0
5 125 33.3 33.6 19.5
6 150 37.4 36.8 22.1
7 175 40.4 39.3 24.4




The total mass recovery was dependent on the feed 
material used. Although the material balances in experiments 
were less than 100% due to the material trapped in the dead 
spaces and/or the loss in handling and measuring the samples, 
a material balance in excess of 96% was considered acceptable.
After an experiment had been completed, the extraction 
system was cleaned with toluene to collect all the residual 
hydrocarbons in the extractor and separator, the transfer 
lines and the valves, etc. The hydrocarbons present in the 
toluene-solubles were recovered using a rotary evaporator 
(Figure C.l) to evaporate the toluene over medium heat under 
vacuum, and were included in the material balance calculation.
Gas samples vented through the extraction-separation 
system during an extraction experiment were collected in a gas 
sampling bag. The hydrocarbons present in the collected gas 
were also identified and quantified using a Hewlett-Packard 
Model 5830A gas chromatograph. The hydrocarbons present in 
the carbon dioxide gas vented through the separator system 
during the crude oil extraction experiment were quantified and 
the data are presented in Table Cl. No hydrocarbons were 
detected in the vent gas stream when the bitumen-derived 








Quantitative Analysis of Hydrocarbon Present in the Carbon 
Dioxide Vented through the Separator System during 
the Crude Oil Extraction Experiment
Feed Gasa) Vented Gasb)
(Vol %) iVol.11 (Wt %)
Carbon Dioxide 99.5 96.8 96.3
Impurities0 0.5 2.5 2.4
Butane - 0.2 0.3
Pentane - 0.4 0.6
Hexane - 0.1 0.3
Heptane - O.O'1* 0.1
Commercial grade carbon dioxide supplied by Air Liquid 
Corp.
Carbon dioxide vented through the separator system during 
the crude oil extraction experiment
Air, water and light hydrocarbons (i.e., CH4, C2H6, C3H8, 
etc)
Approximately 0.005 volume percent
Material balance calculations for a typical extraction 
experiment are given below:
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Sample calculation I
Feed Material to be Extracted - Flatrock Crude Oil
Supercritical Fluid - Carbon Dioxide
Extraction Temperature - 311 K
Extraction Pressure - 10.3 MPa
Extraction Run Period - approximately 120 min
Weight of Crude Oil Charged as Feed - 80.7 g
Cumulative Volume of Carbon Dioxide Used
- 300 liters eSTP
Total Mass Recovery Calculation
(1) Total amount of material extracted
during experiment: 42.0 g
(2) Amount of residue left in the extractor
after experiment: 20.8 g
(3) Amount of material collected from 
separator when the extraction system
was depressurized after experiment: 3.5 g
(4) Amount of material left in the system 
tubing and valves after experiment:
4.7 g
(5) Total amount of hydrocarbon present 
in the gas vented through
the extraction system: 6.3 g
Wt.% of Total Mass Recovery
= (total amount of (1) to (5)) / total feed x 100% 




Feed Material to be Extracted - Bitumen-Derived Liquid
Supercritical Fluid - Carbon Dioxide
Extraction Temperature - 311 K
Extraction Pressure - 17.2 MPa
Extraction Run Period - approximately 140 min
Weight of Bitumen-Derived Liquid Charged as Feed
- 93.6 g
Cumulative Volume of Carbon Dioxide Used
- 350 liters 6STP
Total Mass Recovery Calculation
(1) Total amount of material extracted
during experiment: 16.9 g
(2) Amount of residue left in the extractor
after experiment: 66.7 g
(3) Amount of material collected from 
separator when the extraction system
was depressurized after experiment: 2.7 g
(4) Amount of material left in the system
tubing and valves after experiment: 5.8 g
(5) Total amount of hydrocarbon present 
in the gas vented through
the extraction system: None
Wt.% of Total Mass Recovery
= (total amount of (1) to (5)) / total feed x 100% 
= (16.9 + 66.7 + 2.7 + 5.8) / 93.6 x 100%= 98.4%
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Sample Calculation III
Feed Material to be Extracted - Bitumen-Derived Liquid
Supercritical Fluid - Propane
Extraction Temperature - 380 K
Extraction Pressure - 10.3 MPa
Extraction Run Period - approximately 100 min
Weight of Bitumen-Derived Liquid Charged as Feed
- 94.3 g
Cumulative Volume of Propane Used - 125 liters @STP
Total Mass Recovery Calculation
(1) Total amount of material extracted
during experiment: 76.0 g
(2) Amount of residue left in the extractor
after experiment: 9.2 g
(3) Amount of material collected from 
separator when the extraction system
was depressurized after experiment: 4.6 g
(4) Amount of material left in the system
tubing and valves after experiment: 3.5 g
(5) Total amount of hydrocarbon present 
in the gas vented through
the extraction system: None
Wt.% of Total Mass Recovery
= (total amount of (1) to (5)) / total feed x 100% 




Feed Material to be Extracted - Native Whiterocks Bitumen
Supercritical Fluid - Propane
Extraction Temperature - 339 K
Extraction Pressure - 10,3 MPa
Extraction Run Period - approximately 150 min
Weight of Native Bitumen Charged as Feed - 49.5 g
Cumulative Volume of Propane Used - 175 liters §STP
Total Mass Recovery Calculation
(1) Total amount of material extracted
during experiment: 19.5 g
(2) Amount of residue left in the extractor 
after experiment:
(3) Amount of material collected from 
separator when the extraction system 
was depressurized after experiment:
(4) Amount of material left in the system 
tubing and valves after experiment:
(5) Total amount of hydrocarbon present 
in the gas vented through 
the extraction system:
Wt.% of Total Mass Recovery
= (total amount of (1) to (5)) / total feed x 100% 







COMPUTER PROGRAM FOR GC-MS ANALYSIS
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c ******************************************************
C * CARBON NUMBER & MOLECULAR WEIGHT DISTRIBUTIONS *
C * CHEMICAL TYPE CLASSIFICATION *
C * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * *
REAL SUMCN(40), TAREA, FAREA(IOO), SUMMW(500),
+ SUMNA, SUMBA, SUMACP, SUMACH, SUMAB, SUMAN,
+ SUMUN, ALKANES, NAPHTHS, AROMATS, UNKNOWN
INTEGER ENTRY(100), SCANN(IOO), AREA(IOO), MW(IOO), 
+ CARBON(100), ICT(IOO), N, I, J
PRINT *, 'HOW MANY ENTRIES?'
READ *, N
OPEN (UNIT=8, FILE='GCMSDATA', STATUS='OLD')
DO 100 1=1,N
READ (8,110) ENTRY(I), SCANN(I), AREA(I),
+ MW(I), CARBON(I), ICT(I)
WRITE(6,110) ENTRY(I), SCANN(I), AREA(I),
+ MW(I), CARBON(I), ICT(I)
100 CONTINUE
110 FORMAT (15, 16, 19, 16, 13, 13)
ENDFILE 8
CLOSE (UNIT=8, STATUS='KEEP')









C ** CARBON NUMBER DISTRIBUTIONS **
DO 300 1=1,40 
SUMCN(I)=0.0 
300 CONTINUE
DO 310 1=1,40 





OPEN (UNIT=9, FILE='SUMCN', STATUS='OLD')
DO 330 1=1,40




C ** MOLECULAR WEIGHT DISTRIBUTIONS **
DO 400 1=1,500 
SUMMW(I)=0.0 
400 CONTINUE
DO 410 1=1,500 
DO 420 J=1,N 
IF (I.EQ.MW(J)) SUMMW(I)=SUMMW(I)+FAREA(J) 
420 CONTINUE
410 CONTINUE
OPEN (UNIT=10, FILE=#SUMMWf, STATUS='OLD') 
DO 430 1=1,500
IF (SUMMW(I).EQ.0.0) GO TO 430 




C ** CHEMICAL TYPE CLASSIFICATION **
C SUMNA IS TOTAL OF NORMAL ALKANES
C SUMBA IS TOTAL OF BRANCHED ALKANES
C SUMACP IS TOTAL OF ALKYL CYCLOPENTANES
C SUMACH IS TOTAL OF ALKYL CYCLOHEXANES
C SUMAB IS TOTAL OF ALKYL BENZENES
C SUMAN IS TOTAL OF ALKYL NAPHTHALENES












ELSE IF (ICT(I).EQ.2) THEN
SUMBA=SUMBA+FAREA(I)
ELSE IF (ICT(I).EQ.3) THEN
SUMACP=SUMACP+FAREA(I)
ELSE IF (ICT(I).EQ.4) THEN
SUMACH=SUMACH+FAREA(I)
ELSE IF (ICT(I).EQ.5) THEN
SUMAB=SUMAB+FAREA(I)
ELSE IF (ICT(I).EQ.6) THEN
SUMAN=SUMAN+FAREA(I)








OPEN (UNIT=11, FILE='CHEMTYPE', STATUS='OLD') 
WRITE (11,*) SUMNA, SUMBA, SUMACP,
+ SUMACH, SUMAB, SUMAN, SUMUN
WRITE (11,*) ALKANES, NAPHTHS, AROMATS, UNKNOWN
ENDFILE 11






How Many and Which components to Group
The C7 plus fraction can be grouped into NH pseudo­
components according to Whitson(,02):
NH = 1 + 3.3 log(N“7) = 1 + 3.3 log(40-7) = 6.011 = 6
where N is the carbon number of the heaviest fraction in the
original oil description. The groups are separated by
molecular weights (M,) given by
1/Nh 1/N„
M, = M7(Mn/M7) = 100 (556/100)













1 3 3 -------- ►-Group 1 (Cj - C10) 40.1 mol%
1.41  ------- ►-Group 2 (C„) 6.5 mol%
154-------- ►-Group 3 (C12) 5.5 mol%
17 7-------- ►-Group 4 (C13) 4.4 mol%
236 ------- -+ Group 5 (C14 - C17) 19.0 mol%
556 -------- ►--Group 6 (Cjg - C40+) 24.5 mol%
APPENDIX F






























* * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * *
THERMODYNAMIC PROPERTIES { MW,K,Tc,Pc,W,PI,SI)
FOR
EQUATION OF STATE FROM DIFFERENT CORRELATION EQS. 
* * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * * *
** NOMENCLATURE OF PROGRAM **
MW(I) : MOLECULAR WEIGHTS
K(I): WATSON K FACTORS CORRELATED BY RIAZI-DAUBERT
KWAT: WATSON K FACTOR CORRELATED BY WATSON
TC(I): CRITICAL TEMPERATURES (DEGREE K)
PC(I): CRITICAL PRESSURES (ATM)
PI (I): INTERACTION PARAMETERS BY PENG-ROBINSON
LKW(I); ACENTRIC FACTORS CORRELATED BY LEE-KESLER
KLW: ACENTRIC FACTOR CORRELATED BY K1SLER-LEE
SG; SPECIFIC GRAVITY
SGAPI: API GRAVITY RELATED TO SPECIFIC GRAVITY
SI(I): INTERACTION PARAMETERS BY SCHMIDT-WENZEL
TB: BOILING POINT TEMPERATURE (DEGREE R)
TBF: BOILING POINT TEMPERATURE (DEGREE F)
TBK: BOILING POINT TEMPERATURE (DEGREE K)
TBR: REDUCED BOILING POINT TEMPERATURE (TBK/TC(1))
TF: SYSTEM TEMPERATURE (DEGREE F)


















PRINT*,'VALUES OF EACH MOLECULAR WEIGHT'
PRINT*,(MW(I),1=1,3)
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KWAT=(TB**0.3 3333) / SG
PRINT*,'VALUES OF K ',(K(I),1=1,3),' KWAT',KWAT















PRINT*,'VALUES OF CRITICAL TEMPERATURE AT K' 
PRINT*,(TC(I),1=1,5)













DO 16 1=1,3 
PC(I)=PC(I)/14.7
16 CONTINUE
PRINT*,'VALUES OF CRITICAL PRESSUREAT ATM'
PRINT*,(PC(I),1=1,3)
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PRINT*,'VALUES OF ACENTRIC FACTOR'
PRINT*,(LKW(I),1=1,3),' KLW',KLW
C FIND INTERACTION PARAMETERS (PI,SI)




PRINT*,'INTERACTION PARAMETERS FOR C02 & HYDROCARBONS' 
PRINT*,'P-R INT BY LKW(l) = ',PI(1)
PRINT*,'S-W INT BY LKW(1)= ',SI(1)
PRINT*,'P-R INT BY KLW = ',PI(2)




DETAILED CALCULATION FOR MODELING STUDY
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Phase Equilibrium Calculations Using Penq-Robinson EOS
(C02-Crude Oil EXPERIMENT AT 10.3 MPa and 311 K)
[ 1st extraction window; 20 min. ]
overall (Feed) Compositions
The initial extractor charge (80.7 g of crude oil and 180 
cm3 (@ STP) of C02) was used to calculate the overall feed 
composition for the first flash calculation.
, 1^0.3MPa,311K180 cm3 C02 -- — --- - 120.10 g --- ► 2.7295 mol
(= 0.6672 g/cm3) (86.72 mol%)
M.W.= 114
19.6 (g) FI Oil ------------------ - 0.1719 mol (5.46 mol%)
M.W.= 147
4.0 (g) F2 Oil ------------------ - 0.0272 mol (0.86 mol%)
M.W.= 161
3.7 (g) F3 Oil ------ - ---------- - 0.0230 mol (0.73 mol%)
M.W.= 175
3.3 (g) F4 Oil ------------------ - 0.0189 mol (0.60 molt)
M.W.= 213
16.6 (g) F5 Oil --------- - ------- ► 0.0779 mol (2.48 mol%)
M.W.= 338
33.5 (g) F6 Oil --- - ------------- ► 0.0991 mol (3.15 mol%)
The carbonic phase compositions in the first extraction 
window were predicted as follows:
from experimental (SIMDIS) data (dctu,s6.«KP*,7m. ~ 0.00165 g/cm3) ,
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25.6 (1) C02 collected--► 42.24 g
-- - ---- » 0.9600 mol (95.66 mol%)
2.14 (g) FI oil extracted 0.0188 mol ( l.86 mol%)
0.50 (g) F2 Oil extracted ---- ----- 0.0034 mol ( 0.34 mol%)
0.50 (g) F3 Oil extracted 0.0031 mol ( 0.31 mol%)
0.40 (g) F4 Oil extracted 0.0023 mol ( 0.23 mol%)
1.97 (g) F5 Oil extracted 0.0092 mol ( 0.92 mol%)
2.29 (g) F6 Oil extracted 0.0068 mol ( 0.68 mol%)
from flash calculation using the Peng-Robinson equation of 
state,
C02 --► 96.05 molt
FI O i l--► 2.35 mol% (= 43.08 wtt — — ► 3.36 g 0.0295 mol)
F2 O i l--► 0.28 mol% (= 6.62 Wtt — — 0.52 g — — + 0.0035 mol)
F3 O i l--► 0.23 mol% (= 5.96 Wtt 0.46 g * mm he 0.0029 mol)
F4 o n --► 0. 17 mol% (= 4.78 Wtt 0.37 g 0.0021 mol)
F5 O i l--► 0.52 molt ( = 17.81 Wtt — — ► 1.39 g — — ► 0.0065 mol)
F6 O i l--► 0.40 molt (= 21.75 Wtt —  ► 1.70 g 0.0050 mol)
Where,
(M.WO^moltJj 
(wt%)4 = ------------------ for extracted oil
Mxotal
MTottl = (M. W.) i (mol%), + (M.W. )2(mol%)2 + ... + (M.W. )6(mol%)6
Overall (Feed) Compositions
In the first extraction window, 7.80 g of hydrocarbon 
plus 42.24 g of C02 were transferred from the extractor to the 
separator. The volume of the carbonic phase containing 7.80 
g of hydrocarbon plus 42.24 g of C02 can be calculated using 
the vapor phase density from the flash calculation:
50.24 (g) / 720.9437 (g/1) = 69.69 (cm3).
If it is assumed that this volume was replaced by an 
equivalent volume of fresh C02 to maintain the system pressure 
(10.3 MPa), the amount of C02 introduced into the extractor 
during the first extraction window is calculated as follow;
69.69 cm3 x d103MPa3UK ( = 0.6672 g/cm3) = 46.50 g
Therefore, a material balance on carbon dioxide during the 
first extraction window can be established:
120.10 g + 46.50 g - 42.24 g = 124.36 g = 2.8264 mol
Finally, the overall mixture compositions for the flash 
calculation of the next extraction stage (window) were 
determined by the following calculations:
Carbon Dioxide remaining = 2.8264 mol(88.46 mol%)
FI Oil remaining = (0.1719-0.0295) mol = 0.1424 mol(4.46 mol%) 
F2 Oil remaining = (0.0272-0.0035) mol = 0.0237 mol(0.74 mol%)
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[ 2nd extraction window; 20 min. ]
F3 Oil remaining = (0.0230-0.0029) mol = 0.0201 mol(0.63 mol%) 
F4 Oil remaining = (0.0189-0.0021) mol = 0.0168 mol(0.53 moll) 
F5 Oil remaining = (0.0779-0.0065) mol = 0.0714 mol(2.23 mol%) 
F6 Oil remaining = (0.0991-0.0050) mol = 0.0941 mol(2.95 mol%)
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The carbonic phase compositions in the second extraction 
window are also predicted by the flash calculation using the 
Peng-Robinson equation of state,(95)
COj — _► 96.48 mol%
FI Oil 2.03 mol% (= 41.00
F2 Oil —  —  —♦ 0.25 mol% (» 6.51
F3 Oil 0.21 mol% (= 5.99
F4 Oil 0.15 mol% ( = 4.65
F5 Oil — * 0.49 mol% (= 18.49





MT«al = (M.W. ) j (mol%) , + (M.W.)
w t %--► 2.79 9 — „ 0.0245 mol)
W t % --► 0.44 g — * 0.0030 mol)
W t %--► 0.41 g 0.0025 mol)
W t % --► 0.32 g “ —.► 0.0018 mol)
w t %--► 1.26 g ——-f0.0059 mol)
w t %--► 1.59 g - - 0.0047 mol)
for extracted oil 
(mol%)2 + ... + (M.W. )6(mol%)6
These procedures were repeated to calculate the overall 
(feed) compositions and the carbonic phase compositions for 
all the extraction stages (windows).
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